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Abstract

ABSTRACT

Acetylpropionyl (2,3-pentanedione) and diacetyl (2,3-butanedione) are by-products of sugar
manufacture. Both diketones have many uses, mainly food related. Vapour-liquid equilibrium
data and infinite dilution activity coefficients are required to design purification processes for
these chemicals. A review of available experimental methods revealed that the vapour and
liquid recirculating still is most appropriate when both isobaric and isothermal VLE are
required. The low-pressure dynamic still of Raal and Miihlbauer (1998) used in this study
incorporates many features to ensure that measurements are of excellent quality (as

demonstrated by Joseph et al., 2001). VLE measurements were made for the following systems:

e Acetone with diacetyl at 30 °C, 40 °C, 50 °C and 40 kPa

e Methanol with diacetyl at 40 °C, 50 °C, 60 °C and 40 kPa

e Diacetyl with 2,3-pentanedione at 60 °C, 70 °C, 80 °C and 40 kPa
¢ Acetone with 2,3-pentanedione at 50 °C, 30 kPa and 40 kPa

All the systems, except for methanol with diacetyl, displayed close to ideal behaviour. This was

expected as they are mixtures of ketones.

Solution thermodynamics allows one to perform data reduction of the measured VLE data to
ensure accurate extrapolation and interpolation of the measurements. Furthermore, the quality of
the data can be judged using thermodynamic consistency tests. The data were represented by the
Gamma-Phi approach to VLE (the preferred method for low-pressure VLE computations). The
two-term virial equation of state was used to account for vapour phase non-ideality. Second
virial coefficients were calculated by the method of Hayden and O’ Connell (1975). The liquid
phase non-ideality was accounted for by the Wilson, NRTL or UNIQUAC models.

The best fit models are proposed for each system, as are parameters as functions of temperature
for the isobaric data. The data were judged to be of high thermodynamic consistency by the
stringent point test (Van Ness and Abbott, 1982) and the direct test (Van Ness, 1993) for
thermodynamic consistency. The data sets were rated, at worst, “3” on the consistency index
proposed by Van Ness (1995). A rating of “1” is given for a perfectly consistent data set and
“10” for an unacceptable data set. For the system acetone with 2,3-pentanedione, isobars at
30 kPa and 40 kPa were measured. The results from the reduction of the 30 kPa set were used to

accurately predict the 40 kPa data set.



Abstract

Infinite dilution activity coefficients were measured by the inert gas stripping method (based on
the principle of exponential dilution). In order to specify the appropriate dilutor flask height (to
ensure equilibrium is achieved), mass transfer considerations were made. These computations
ensured that the gas phase was in equilibrium with the liquid phase at the gas exit point. The

following infinite dilution activity coefficients were measured:
¢ Acetone in diacetyl at 30 °C
¢ Methanol in diacetyl at 40 °C

¢ Diacetyl in 2,3-pentanedione at 60 °C

* Acetone in 2,3-pentanedione at 50 °C

The ketone mixtures, once again, displayed close to ideal behaviour.
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CHAPTER 1

INTRODUCTION

Acetylpropionyl (2,3-pentanedione) and diacetyl (2,3-butanedione) are by-products of sugar
manufacture. Diacetyl’s main use is as a flavour component in beer, wine and dairy products.
2,3-Pentanedione also has many food related uses ranging from flavouring to being a starting
material for antioxidants. It is a biodegradable solvent, a polymerization inhibitor and a starting
material for pharmaceutical intermediates. Extractive distillation is being considered as a
separation technique for purification of both diketones, thus VLE data and infinite dilution

activity coefficients are required for the considered systems.

It is essential that the VLE data used to design separation processes be accurately measured.
This is however, a costly and time-consuming exercise. Many examples of successful separation
processes, designed from VLE measurements (or extrapolation or interpolation of data), are
available in literature. It is, however, a case study of the design of a fractionating column,
described as a “major blunder” by Palmer (1987), which best highlights the importance of

accurate VLE data and the careful theoretical treatment of the data.

The Monsanto Company of Texas designed a fractionator to remove water from a solvent. The
number of bubble-cap trays in the column was specified based on a set of VLE data. The
resulting column was described as marginally operable at four times the design reflux.
Furthermore, losses were reported to be 20 times the design value and the annual unexpected
costs were in excess of $100 000 (in 1964). Two causes for the problems experienced were
identified (Martin, 1964). The first was poor tray efficiency, which is unrelated to this project.
The second cause (more relevant to this study) was found to be the VLE data. The deficiencies

were as follows:

e Data were not measured in the dilute region.
The dilute region is of considerable importance when high purity chemicals are required
as this is usually the most expensive part of the process (Raal and Miihlbauer, 1998).

¢ Activity coefficients were extrapolated from excess Gibbs energy models.
These models often fail to account for molecular interactions at infinite dilution (Alessi
et al., 1991). It is, however, at times necessary to rely on such methods. It was found in

the case study of Palmer (1987) that a more sophisticated model than the one used in
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the original design gives a satisfactory result. The true infinite dilution activity

coefficient eventually revealed that the choice of separation process was questionable.

A proper phase equilibrium study will have avoided a costly mistake and it is, therefore,
understandable why much effort is made to refine VLE measurement techniques. Focus must
also be placed on the theoretical treatment of VLE data, which features largely in a phase
equilibrium study, as it is impractical to measure data for every possible chemical combination
and at every condition of pressure, temperature and composition. Proper treatment of the data
enables one to predict VLE at various conditions and for multi-component systems from only
binary measurements. Experimental data are also important for the development of models and
predictive techniques (such as the UNIFAC method described in Chapter 3). The case study
highlights that both experimental and theoretical methods are fundamental parts of a phase
equilibrium study. It more importantly stresses that both methods are of little use if they are

improperly applied.

The experience of the Monsanto Company serves as a cautionary example for others. This study
was, therefore, approached with the lessons of the example in mind. It is only possible to
understand the applicability of the various experimental and theoretical techniques by
undertaking a thorough review of the available methods. These reviews were, therefore, the
starting point of this study and were used to make informed decisions to achieve the following

objectives:

e Measurement of isobaric VLE by the most accurate method.

e Measurement of isothermal VLE by the most accurate method.

e Using thermodynamic principles to judge the quality of the data.

e Thermodynamic treatment of the data so that accurate VLE can be predicted at
unmeasured conditions.

e Measurement of the infinite dilution activity coefficient by the most appropriate

method.

Thus, separation processes for systems with diacetyl and 2,3-pentanedione can be confidently

designed based on the results of this study.
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CHAPTER 2

VAPOUR-LIQUID EQUILIBRIUM AT LOW PRESSURE -
EXPERIMENTAL METHODS

The use of vapour-liquid equilibrium data in the separation industry is well established. This
chapter will present the results of a review of recent journal articles to determine the popular
experimental methods for the measurement of low-pressure VLE. Only a brief description of
each of the popular methods will be presented. Extensive reviews of VLE apparatus are
available in the excellent texts of Hala et al. (1957), Raal and Mihlbauer (1998) and the
publications of Malanowski (1982), Abbott (1986) and Joseph et al. (2002).

Abbott (1986) presents a review of low pressure VLE publications made between the years
1976 and 1985 in order to gauge the trends of that decade. The journals reviewed by Abbott

were:

o  Fluid Phase Equilibria
o The Journal of Chemical and Engineering Data

o The Journal of Chemical Thermodynamics

The publications of the above-mentioned journals represent only part of the actual number of
data sets measured as some data sets remain unpublished due to confidentiality issues.
Furthermore, many data sets may have been published in other journals. Abbott (1986)
however, reports that the 300 relevant articles published in the three journals are large enough

in number to be a representative sample. Selected results of Abbott’s review are:

e A large increase in the number of isothermal sets measured over the decade as
compared to 1sobars (mainly P-x sets from static cells).
e Anincrease in the number of isothermal sets measured using recirculating stills.

* A slow increase in publication rates.

Abbott suggests that the increase in the number of isothermal measurements could be due to

the awareness of the theoretical advantages of isothermal sets (discussed in Chapter 3) or the
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time-saving modifications made to the static methods, such as the multi-cell cluster assembly

introduced by Maher and Smith (1979).

A simular, though less extensive review, is presented in this chapter. The intent was to gauge
the popularity of the various apparatus available for low pressure VLE measurements. Each
of the options were considered and are described in order to choose the appropriate method
for this study. The three journals considered by Abbott were reviewed for the period
September 1999 to September 2002. Articles containing VLE data of the following type were

considered (as these were the parameters of the measurements required by this study):

* Non-reacting binary systems.
e Temperature range from 303.15K to 493.15K.

* System pressures up to atmospheric.

It was found that the number of relevant publications during this period in The Journal of
Chemical Thermodynamics was small compared to the other two journals. It was, therefore
excluded from the review. A total of 110 articles of interest were found during the three year
period, presenting 439 data sets. The classification of the types apparatus used to measure the
data and the percentage of data sets measured using each of the methods is shown in Table 2-
I. A discussion of each method will be presented shortly. The level of detail of each category

was influenced by the results of Table 2-1.

Table 2-1 Classification (according to apparatus type) of low pressure VLE data sets

published in the considered journals during the review period

Apparatus used Percentage data sets
Recirculating stills 66
Static cells 19
Flow-type 7
Headspace Chromatography 5
Other 3

Recirculating methods remain the most convenient way of measuring isobaric data. The latter
type of data are of considerable importance in the analysis of distillation columns (Raal and
Miihlbauer, 1998). As in the case of Abbott’s study it was noticed that the number of
isotherms and isobars per system was more or less constant. On average more isotherms are
measured per system compared to isobars per system, as multiple isotherms enable one to
determine the temperature dependence of certain parameters (see Chapter 3). Abbott (1986)

shows that isothermal measurements were more popular at that time than isobaric
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measurements. The study presented in this work reveals that isothermal measurements now
only constitute 46% of the data sets measured. It is interesting to note that 34% of the
isothermal sets were measured using recirculating stills. The latter observation was made by
Abbott but not quantified, so it is not possible to comment much further on this statistic. Most
static apparatuses produce only P-x data, which excludes the possibility of testing for
thermodynamic consistency (see Chapter 3). P-x-y data may be obtained from recirculating
apparatus and consistency tests can be performed on this data. The discussion that follows
describes each of the types of apparatus shown in Table 2-1 with particular focus on

recirculating stills.

2.1 Recirculating Stills

Recirculating methods allow for accurate and rapid measurement of vapour-liquid equilibria.
Malanowski (1982) states that all circulation methods have in common the principle of the
continuous separation of vapour evolved from a liquid phase under steady-state conditions
and recirculation of the vapour phase. Malanowski (1982) also lists the following criteria that

a recirculating still should satisfy:

o Simplicity in its design.

e Small samples required.

e Design should ensure accurate pressure and temperature measurements.

o Steady-state should be achieved rapidly if an equilibrium parameter (such as
composition or pressure) is changed.

e The vapour should not be allowed to partially condense on the temperature sensor,
neither should there be overheating in the vicinity of the sensor.

e Liquid droplets should not be allowed to be entrained in the vapour phase.

e The circulated vapour should be well mixed with the liquid phase to maintain uniform
composition.

e The composition and flow of the circulated stream should be steady.

e The apparatus should contain no dead-volume where the test chemicals may
accumulate.

e Sampling and introducing material to the still should be accomplished without

interruption of boiling.

The recirculating stills are required to provide liquid and vapour samples that are

representative of the equilibrium concentrations. Moreover, the apparatus is required to
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precisely measure the boiling temperature of the test mixture (ebulliometry). It was apparent
to those who pioneered the development of the recirculating still that simply noting the
temperature of a thermometer immersed in a boiling liquid is not indicative of the true boiling
temperature. The surface tension of the liquid prevents the formation of small vapour bubbles,
and this coupled with the hydrostatic head experienced by the liquid at the bottom of the
vessel results in the liquid being slightly superheated (Hala et al., 1957). Placement of the
temperature sensor in the vapour space is not a solution as measurement of condensation
temperature of the vapour phase is only equal to the boiling temperature for samples of

extremely high purity.
Circulation stills may be classified as follows:

* Recirculation of the vapour and liquid phase.

* Recirculation of the vapour phase only.

Vapour recirculation methods will be described briefly and methods that circulate both the

vapour and liquid phases will be discussed in detail as this is the preferred method.
2.1.1 Vapour and liquid recirculation stills

The modern vapour and liquid recirculation still represents the evolution of the recirculating
still. Tts history dates back to the early part of the 20" century and is punctuated by the
introduction of many innovative modifications that have endured to feature in the modern
still. The development of the VLE still is very closely linked to the development of the
ebulliometer (apparatus used to accurately measure the boiling temperature of a substance).
The discussion will, therefore, begin with the development of the ebulliometer. Several
hundred papers have been published proposing modifications to the VLE still. Not
mentioning every one of them should be taken as an indication of how numerous they are and‘
not of their significance. Some of these features (such as measures taken to reduce ftlashing in

the boiling chamber) will be highlighted when the following designs are discussed:

o The still presented by Malanowski (1982).
o Fischer LABODEST VLE still.
o The still presented by Raal and Miihlbauer (1998) for the measurement of low

pressure VLE data.
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The design of Malanowski (1982) has been described as a modern VLE still of “good design”
by Abbott (1986). It is, therefore, appropriate that the features of the still be discussed. The
review of journal articles (discussed earlier in this chapter) revealed the commercially
available Fischer LABODEST VLE still to be most popular and it will be discussed briefly.
Finally, the design presented by Raal and Miihlbauer (1998) will be described as it

incorporates many of the novel features presented in the following section.

2.1.1.1 The development of the recirculation still

The discussion begins by describing the early ebulliometers as they provide the base design
for the VLE still. The Cottrell pump is very much a central feature of vapour and liquid
recirculation stills. The ebulliometer presented by Cottrell (1919) is, therefore, a good starting

point.

2.1.1.1.1 The Cottrell pump

Cottrell (1919) introduced an ebulliometer that featured a thermal lift pump (Cottrell pump).
Vapour bubbles formed in the boiling chamber (A) (see Figure 2-1) entrain slugs of liquid,
which travel up the Cottrell tube (B). Part of the superheated liquid vaporises and the
temperature drops to the equilibrium value (Hala et al., 1957). The vapour is condensed by a
condenser (C) and the liquid flows over a thermometer (D), which is placed in the vapour
space. As the apparatus was presented as an ebulliometer, no provision was made for

sampling of the phases.

Figure 2-1: Cottrell ebulliometer (Cottrell, 1919): A - Boiling tube; B - Cottrell tube; C -

Condenser; D- Thermometer
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Washburn and Read (1919) developed the idea of the Cottrell pump further and presented an
ebulliometer that featured the two phase mixture splashing over the thermometer. The
purpose of the Washburn still was to investigate the boiling point elevation of various solutes.
The boiling chamber (A) (see Figure 2-2) is unchanged, the Cottrell pump (B) branches into
multiple arms and the mixture squirts onto the thermometer (D). The vapour is condensed in
the condenser (C) and returned to the boiling chamber. The purpose of the sheath (F) is to
prevent the cold condensate from flowing over the thermometer. Also included is a capillary
(E) so that the liquid may be sampled. Hala et al. (1957) report that the Washburn apparatus

was still in use at that time.

Figure 2-2: Washburn ebulliometer (Washburn and Read, 1919): A - Boiling tube; B -
Cottrell tube; C - Condenser; D - Thermometer; E - Sampling tube; F - Sheath

2.1.1.1.2 The Swietoslawski ebulliometer

Swietostawski presented many different ebulliometer designs incorporating the Cottrell
pump. The ebulliometer presented in 1929 (Figure 2-3) was the most popular (Hala et al,,
1957). A feature of note is the thimble or thermowell (D) into which the thermometer is
inserted. The vapour and liquid mixture exits the Cottrell pump (B) and splashes onto the
thimble (D) fitted with a spiral to break the liquid run-off. Also included in the design is a

condensate drop counter (E). The latter allows for the boiling intensity to be measured
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(through the drop rate). An appropriate boiling intensity may be found for a test mixture by
noting the effect of boiling intensity (hence the drop rate) on the temperature measured. Hala
et al. (1957) give the example of water, which was found to yield constant values for the
boiling temperature for drop rates between 8-25 drops per minute for a particular

Swietostawski-type ebulliometer.

Figure 2-3: Swigtoslawski ebulliometer (Hala et al., 1957): A - Boiling chamber; B -

Cottrell tube; C - Condenser; D - Thermowell; E - Drop counter

Boiling intensities below 8 drops per minute provide insufficient heat in this example and
values greater than 25 drops per minute provide too much superheat for the equilibrium value
to be obtained. The region where the temperature remains constant is referred to as the
“plateau region.” Discussion of the plateau region may be found in Kneisl et al. (1989) as
well as briefly in the “Experimental Procedure” chapter of this work. Hala et al. (1957)
suggest that the superheat in the boiling chamber may be lowered by increasing the activity
on the wall of the chamber. This is achieved by providing nucleation sites for vapour bubble
formation in the form of ground glass. The Swietostawski apparatus does not allow for the
sampling of the equilibrium vapour or liquid. It is, therefore, an ebulliometer but does
highlight some of the features of the modern VLE still. Many modermn VLE stills are in fact

described as “modified Swietostawski” stills.

2.1.1.1.3 Vapour condensate and liquid sampling

The first still to allow for sampling of the vapour condensate and liquid was presented by Lee

(1931) (illustration not shown in this work). The apparatus, discussed in detail by Joseph
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(2001), discharges the liquid and vapour mixture onto a thermometer using a Cottrell pump.
The vapour condensate is collected and may be sampled by cessation of the boiling. Liquid
samples are taken from the boiling chamber, which is not indicative of the equilibrium liquid
composition. The disengaged liquid splashing onto the thermowell should, in fact, be sampled

(Raal and Miihlbauer, 1998).

Figure 2-4: Gillespie Still (Gillespie, 1946): A - Boiling chamber; B - Cottrell tube; C -
Condenser; D - Thermometer; E - Disengagement chamber; F - Drop counter; G -

Internal heater; H - Vapour sample chamber

The apparatus of Gillespie (1946) (Figure 2-4) is a more satisfactory still. Sampling may be
done without interrupting the boiling and the still features a disengagement chamber (E)
which has proved very popular. Heat input to the boiling chamber is provided by a heating
spiral wrapped around the reboiler and a heated platinum wire (G) immersed in the chamber.
The latter serves to promote the formation of vapour bubbles and thereby reduces the
superheat (Hala et al., 1957). The vapour-liquid mixture splashes onto the thermometer and
enters the disengagement chamber (E) where the vapour flows upwards to the condenser (C).
The vapour sample is collected in a sampling chamber (H) and the overflow is returned to the
reboiler after passing through a drop counter (F). Like the still of Lee (1931), the Gillespie

still samples the liquid in the boiling chamber. This, as mentioned before, is not acceptable.

10
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Many modifications were made to the Gillespie still, the most significant by Brown (1952).
The liquid leaving the disengagement chamber is allowed to accumulate in a liquid sampling
point and the overflow is directed to the boiling chamber. Thus the issue of equilibrium liquid
sampling is properly addressed. The still maintains the other features of the Gillespie still and

an illustration is, therefore, not shown in this work.

2.1.1.1.4 The packed equilibrium chamber

Raal and Miihlbauer (1998) express concern regarding the use of only a Cottrell pump to
attain equilibrium. The contact time of the liquid with the vapour phase in the Cottrell pump
is likely to be insufficient for the phases to be in equilibrium. Mass transfer may be improved
by using a longer Cottrell tube (to improve contact time) such as the spiral type used by Ellis
(Hala et al., 1957) and featured in the Fischer LABODEST still. Use of a packed equilibrium

chamber in conjunction with a Cottrell pump 1s another interesting feature.

121t 722777 %w99>

',

Figure 2-5: Packed equilibrium chamber (Yerazunis et al., 1964): A - Cottrell tube; B -

Packed chamber; C - Vapour to condenser; D - Thermowell

A packed equilibrium column was used by Heertjes (1960) to measure VLE data. The idea
was extended to the S'wiqtos-lawski-type recirculating still by Yerazunis et al. (1964). The
central feature of the latter design was the equilibrium chamber (shown in Figure 2-5). The
vapour and liquid mixture is forced to flow downward through a bed of ' in. glass helices
(B). The packed bed provides enhanced interfacial contact between the phases and
equilibrium may be achieved more rapidly. The liquid collects in a liquid trap containing a

thermowell (D) for temperature measurement. The disengaged vapour is allowed to flow
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upward and around the equilibrium chamber to provide a thermal barrier. The use of the
vapour as thermal lagging was first used by Rose and Williams (1955). Yerazunis et al.
(1964) state that the stili gives thermodynamically consistent data in a fairly short period of

time (30-45 minutes).

2.1.1.1.5 Other significant modifications

e Raal and Mihlbaver (1998) advocate the use of a vacuum jacketed equilibrium
chamber in order to munimise heat losses. This was first introduced by Altsheler et al.
(1951). It is very much a feature of the modern VLE still (see the designs of
Malanowski (1982) and Raal and Mihlbauer (1998) described shortly).

¢ The importance of stirring in the sample collection chambers was stressed by Dvofak

and Boublik (1963) for systems of high relative volatility.

2.1.1.2 The still of Malanowski

Figure 2-6: Low pressure VLE still of Malanowski (1982): A - Boiling chamber; B -
Cottrell tube; C - Condenser; D - Thermowell; E - Vapour sample chamber; ¥ - Drop

counter; G - Mixing chamber
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The apparatus presented by Maltanowski (1982) (see Figure 2-6) uses the Swigtostawski
ebulliometer as a base for its design due to its high accuracy. The walls of the boiling
chamber (A) are activated with sintered glass, which promotes vapour bubble formation (as
used in the Swietostawski ebulliometer). The vapour and liquid mixture is forced through the
Cottrell pump (B) and splashes onto the thermowell where equilibrium is established. The
equilibrium chamber is contained within a vacuum jacket to minimise heat losses. The
disengaged liquid collects in the liquid sample point and the vapour is directed to the
condenser (C) through a heated tube (to prevent partial condensation). The vapour condensate
collects in a sample point (E) after passing through a drop counter. The overflow from both
the vapour and liquid sample points are mixed in a mixing chamber (G). This ensures that the
fluid returning to the reboiler is of uniform concentration and composition and is necessary to
reduce pressure fluctuations. The Malanowski still requires that equilibrium be achieved
using only the Cottrell pump. Joseph et al. (2002) express reservations of relying on the

Cottrell pump alone to achieve equilibrium in a single pass.

2.1.1.3 The Fischer LABODEST VLE still

Figure 2-7: FISCHER LABODEST VLE still (FISCHER LABOR-UND
VERFAHRENSTECHNIK catalogue): A - Heater; B - Spiral Cottrell tube; C -
Condenser; D - Thermometer; E - Mixing chamber; F - Liquid sample point; G -

Vapour sample point
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The unusual feature of this still is the spiral tube that serves as a Cottrell pump. This type of
thermal lift pump was featured in the Ellis still (Hala et al., 1957). Yu et al (1999) and Li et al
(1995) make use of inclined Cottrell pumps as the longer travel of the tube assists in attaining
equilibrium. Heat is supplied to the liquid by a heater (A) and the two-phase mixture is forced
up the spiral tube (B). The apparatus does not make use of the more conventional design of
Gillespie where the Cottrel] tube empties its contents at the top of the equilibrium chamber.
"The mixture splashes onto the thermometer (D), which is located immediately above the exit

of the Cottrell pump.

The equilibrium liquid is directed to a mixing chamber (E) through the liquid return tube
(shown to the left of the Cottrell pump). The vapour rises through the equilibrium chamber, is
condensed and also directed to the mixing chamber (E). The magnetic stirrer bar ensures that
the liquid entering the boiling chamber is of uniform concentration and temperature to avoid
flashing as the colder volatiles come into contact with the hot liquid return. Provisions are
made to take appropriate equilibrium liquid and vapour samples (F and G respectively). As in
the case of the Malanowski (1982) still, the Fischer LABODEST still relies on only the

Cottrell pump to achieve equilibrium between the liquid and vapour phases.
2.1.1.4 Low pressure VLE still of Raal and Miihlbauer (1998)

The still (see Figure 2-8) employs a packed equilibrium chamber (A), a feature originally
used in the design of Yerazunis et al. (1964). A mixture is heated in the boiling chamber by
means of a cartridge heater (internal heater) (B) and by nichrome wire wrapped around the
boiling chamber (external heater) as in the Gillespie type still (Hala et al, 1957). The external
heater compensates for heat losses to the environment and the internal heater is used to
control the boiling. The cartridge sits in a glass sheath which has the surface exposed to the
liquid activated with powdered glass in order to promote vapour bubble formation. The
vapour-liquid mixture travels up the Cottrell pump (C), which is vacuum-jacketed, and into an
annular space which houses 3 mm stainless-steel wire mesh packing. The purpose of the
vacuum jacket around the Cottrell pump is to prevent the superheated mixture from
transferring heat to the packed chamber. It should be noted that unlike the design of

Yerazunis et al. (1964), the packing is readily accessible and may be changed for a more inert

type should it be required by the system.

The two-phase mixture travels downwards through the packing where equilibrium is achieved

and the temperature measured (the thermowell is embedded in the packing). The mixture then

14
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exits through small holes at the bottom of the packed chamber where the phases separate. The
liquid phase collects in a sampling chamber (D) and the overflow is directed to the reboiler
through a liquid return line (E). The equilibrium vapour rises past the packed chamber to
serve as thermal lagging as advocated by Rose and Williams (1955). To further prevent heat
losses, the entire equilibrium chamber is contained in a vacuum jacket (F) as seen in the still

of Altsheler (Hala et al, 1957).

L

Figure 2-8: Low-pressure recirculating VLE still of Raal and Miihibauer (1998): A —
Packed equilibrium chamber; B — Heater cartridge; C — Vacuum jacketed Cottrell
pump; D — Liquid sample point; E — Liquid return line; I — Vacuum jacket for
equilibrium chamber; G — Vapour sample point; H — Condenser; I —~ Thermowell; J -

Boiling chamber; K — Vapour return line; L — Drain valve

The vapour then enters a condenser (H) and the condensate collects in a sampling chamber
(G) that contains a magnetic stirrer bar. The importance of stirring in the sample chambers
had been stressed by Dvorak and Boublik (1963). Both the liquid and vapour sampling
chambers allow for sampling through septa without interrupting the boiling, which is a
standard feature of the modern VLE still. The overflow of the vapour sample chamber is
directed to the reboiler through a tube that feeds into the liquid return leg through a capillary
to reduce flashing. The flashing is a result of the cold vapour sample (rich in the volatile

component) coming into contact with the hot liquid sample (rich in the non-volatile
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component). Also of note is the magnetic stirrer bar in the boiling chamber, which also serves

to reduce flashing.

The design of Raal and Muhlbauer (1998) is compact and robust. It incorporates many of the
nove| features from previous designs. Unlike the Malanowski and Fischer LABODEST stills,
it does not rely on just the Cottrell pump for the liquid and vapour phases to reach
equilibrium. The still is straightforward to operate and is in fact used in an undergraduate
practical. Numerous data sets of excellent quality were measured by Joseph et al. (2001) and
were shown to be thermodynamically consistent by the stringent point and direct tests of Van
Ness et al. (1982) and Van Ness (1995) respectively. Discussion of these consistency tests

will be presented in the subsequent chapter.
2.1.2 Vapour recirculation stills

The review revealed that while vapour and liquid recirculation methods are very popular,
4.5% of the recent measurements considered employ methods where the vapour phase only is

circulated. The vapour phase recirculation methods may be classified as follows:

e Circulation of the vapour condensate.

e Circulation of revaporised vapour condensate.

As the vapour and liquid phase recirculation methods are preferred, only a brief description of
vapour phase recirculation methods will be presented in this work. The reader is referred to
the texts of Hala et al. (1957), Raal and Miihlbauer(1998) and the publications of Malanowski
(1982) and Joseph (2001).

2.1.2.1 Vapour condensate recirculation

All the apparatuses used were described as “modified Othmer-type,” the still (Othmer, 1928)
being the first vapour still that operated satisfactorily (Hala et al, 1957). Malanowski (1982)
reports that more than 150 modifications have been made to the original Othmer design. One

of the latest versions of the Othmer still (Othmer, 1948) is shown in Figure 2-9.
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Figure 2-9: Othmer Still (Malanowski, 1982): A -Boiling chamber; B - Immersion

heaters; C - Condenser; D - Thermowell

The operation is fairly straightforward. The mixture is brought to a boil in the boiling
chamber (A). The vapour is directed to a condenser (C) after passing over a thermowell (D).
The condensate is then returned to the boiling chamber. Raal and Miihlbauer (1998) highlight

the following concerns:

e Temperature measurement is unsatisfactory.

e Absence of stirring in the boiling chamber.

e The operation of the still is disturbed to obtain samples.

e Possibility of partial condensation on the walls of the boiling chamber, which affects

the composition in the still.

Raal and Miihlbauer (1998) conclude that use of the Othmer type still is not advisable for
accurate work. Malanowski (1982) report that more satisfactory results may be obtained from
vapour condensate recirculation stills that incorporate a Cottrell pump such as that of
Scatchard et al. (1938). The latter still is described at length by Joseph (2001). While vapour
recirculating stills employing a Cottrell pump are considered more accurate than the Othmer-

type, they do require a longer equilibration time (Malanowski, 1982).

2.1.2.2 Revapourised vapour condensate recirculation

The principle of revapourised vapour condensate recirculation may be illustrated by the still

presented by Jones et al. (1943) is shown in Figure 2-10.

17



Chapter 2

Ll

1101

e |

A e

-
|||IlI

i
/2

[r
LA

lllllllI
Sty

Figure 2-10: Jones Still (Jones et al., 1943): A - Boiling tube; B - Heated line to
condenser; C - Condenser; D - Vapour condensate receiver; E - Revapouriser; I - Tube

to equalise pressure

Malanowksi (1982) reports that the still produced accurate data and that more than 60 papers
were published presenting modifications. The vapour formed in the boiling chamber (A) is
directed to the condenser (C) through a heated tube (B) to prevent partial condensation. The
condensate collects in (D) before passing through (E) where the condensate is revaporised.
The tube (F) serves to equalise pressure across the condensate receiver. Disadvantages of the

method reported by Malanowski (1982) and Raal and Miihlbauer(1998) are:

e The heating and cooling loads must be carefully balanced, making the method labour
intensive and unstable.

e Equilibration may take several hours.

e The vapour composition is very sensitive to the temperature gradient in the boiling
chamber (A).

e Bubbling of the vapour phase through the liquid phase results in pressure drops that

compromises the accuracy of the temperature and pressure measurements.

A more recent still based on the circulation of the vapour phase that addresses the above
concerns is discussed by Raal (2003). The still features an annular Cottrell pump. The vapour
phase is bubbled through the liquid phase to produce rapid equilibration. The reader is

referred to this publication for further detail.
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2.2 Static methods

A static VLE cell contains a stirred liquid maintained at a constant temperature. Appropriate
pressure and composition measurement thus enables one to measure isothermal VLE. The
method presents challenges different to those of the recirculation method. It requires the
complete evacuation of the cell prior to introducing the liquid mixture (which must also be
totally degassed). Abbott (1986) reports that even small amounts of dissolved gas in the test
mixture can result in meaningless pressure measurements. Degassing may be achieved
through a series of freeze-thawing cycles under vacuum (Maher and Smith, 1979) or by

distillation (Gibbs and Van Ness, 1972).

A further difficulty of the static method is proper vapour sampling. At low system pressure
the molar hold-up is very small. The sample must also be small so as not to disturb the
equilibrium in the cell (Raal and Mihlbauer, 1998). Vapour phase sampling, therefore, is not
straightforward. Although methods, such as that of Inoue et al. (1975), do propose vapour
sampling, many methods choose to measure temperature, pressure and the liquid phase
composition only. This is sufficient as the vapour phase composition may be calculated from
P-x data (a consequence of the Gibbs-Duhem equation discussed in the next chapter). P-x
measurement, however, removes the opportunity of thermodynamic consistency testing to

Judge the quality of the data (also discussed in the next chapter).

Abbott (1986) reports that liquid phase compositions may be established in the following

ways:

e Direct sampling of the liquid phase
The errors introduced using this method are those associated with sample handling.

e Calculated from the overall composition
Requires that the vapour and liquid volumes be known. The liquid phase composition
may be found during the data reduction procedure. Rigorous computation procedures
are available such as that of Raal and Ramjugernath (2001).

* Volumetric metering of degassed chemicals
Developed by Gibbs and Van Ness (1972), who used commercial piston injectors to
meter the chemicals. Care must be taken to ensure that the injectors are at a constant

known temperature in order to know the mass introduced accurately.
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19% of the data sets reviewed were measured by static methods with 50% of those sets being
measured with apparatus referred to as Gibbs and Van Ness types (Gibbs and Van Ness,

1972). Due to its popularity, the latter will be described briefly.

Figure 2-11 shows an illustration of the Gibbs and Van Ness (1972) static VLE apparatus.
The chemicals are degassed prior to being metered into the cell (A) by refluxing, cooling and
evacuating (the degassing flask is not shown). The cell is evacuated through the vacuum line
(B) and precise amounts of the test chemicals are transferred into the cell using the piston
injectors (C) (only one shown). The mixture is magnetically stirred (D) and allowed to reach

equilibrium at which point the pressure is noted (E).

Figure 2-11: Static Cell (Gibbs and Van Ness, 1972): A - Cell; B - Vacuum line; C-
Piston injectors; D - Magnetic stirrer; E - Pressure measuring device; F - Heated line to

prevent partial condensation

The line leading to the pressure measuring device (F) is heated to ensure no partial
condensation. Abbott (1986) reports that a binary system may be measured in a day or two
and that the apparatus may be extended to ternary systems by adding a third piston injector.

Abbott also reports that the method is also suitable for the measurement of vapour-liquid-

liquid equilibrium.

A modern example of the static cell is presented by Raal and Miihlbauer (1998). The glass

cell (see Figure 2-12) shows two time-saving developments:

e The static cell cluster
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Maher and Smith (1979) developed an apparatus that consisted of 15 static cells
connected to a common manifold. Multiple data points may be measured
simultaneously.

e The degassing condenser
The freeze-thawing cycles as used by Maher and Smith (1979) are time-consuming.
Degassing may also be accomplished by gently boiling the mixture in a cell fitted
with a condenser. The possibility of losing volatiles must be considered, the cell

(Figure 2-12) therefore, includes a liquid sample point.

Cc

I

Figure 2-12: Individual unit of a static cell cluster (Raal and Miihlbauer, 1998): A,

Stirred cell, B, Degassing condenser; C, Vapour line to manifold; D, Draft tube

The stirred cell (A) is attached to the degassing condenser (B) using a silicone gasket and the
vapour is directed to the manifold (not shown) through line (C). Note the use of a draft tube
(D). The vapour is circulated in the condenser and returned to the liquid surface by the draft
induced by the magnetic stirrer. Raal and Miihlbauer (1998) report that equilibrium is
achieved in a few hours and six points may be obtained in a day. Data for the system

cyclohexane with ethanol presented by the authors, showed good agreement with literature.
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2.3 Flow-type apparatus

The flow-type apparatus resembles that used in the inert gas stripping method (discussed in
chapter 4). An inert gas is bubbled through a constant temperature binary mixture and the
vapour phase entrained in the exit stream and analysed. The method involves a calculation
procedure that relates the partial pressure to the peak areas of the respective components. Like

the inert gas stripping method the following two assumptions are made:

e The gas solubility in the liquid is negligible.

e The vapour phase correction is assumed to be negligible.

7% of the data sets considered in this study were measured using the flow method. A
description of the experiment as well as the calculation procedure may be found in the
publication of Miyamoto et al. (2000). Oveckova et al. (1991) also report good results using a
method based on the variation of the liquid composition. The reader is referred to these

publications for further detail.

2.4 Headspace chromatography

Weidlich and Gmehling (1985) describe an apparatus that produces isothermal x-y data. The
method uses headspace chromatography and a calculation procedure that requires knowledge
of the initial amounts of liquid. As the method does not make pressure measurements, the
authors confirm thermodynamic consistency by the area test of Redlich and Kister (1948).
This test is shown to be lacking as a test for consistency in the next chapter. The data were
used to extend the UNIFAC method for predicting activity coefficients by group contribution
(discussed briefly in the next chapter). A significant number of data sets (5%) were measured
using this apparatus, The reader is referred to the publication of Weidlich and Gmehling

(1985) for further detail.

2.5 Other Methods

A small number of data sets were measured using apparatus that cannot be classified in the

sections above. These methods will not be described in this work. References are given to

texts that adequately describe these apparatus:

I. Flow Still — Hala et al (1957).
2. Semi-micro method — Raal and Miihlbauer (1998) and Hala et al (1957).
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2.6 Conclusion of the review

The vapour and liquid recirculating still is a refined method that offers the following

advantages:

e It is capable of accurately and rapidly measuring both isothermal and isobaric data.
This flexibility is a considerable advantage as it satisfies the requirements of both
theoretical and practical applications.

e The integrity of the data may be checked by recent stringent methods of
thermodynamic consistency testing such as that of Van Ness (1995).

e Operation of a modern still is not a complicated exercise. A still of similar
construction to that of Raal and Miihibaver (1998) (described earlier) has been used
as a successful teaching tool in the under-graduate Thermodynamics course.

e The still yields P-T-x-y by direct measurement and the total composition of the feed
to the still need not be known.

e No degassing of the chemicals is required as in the case of static methods.

Areas of concern expressed by Abbott (1986) were:

e The attainment of true equilibrium.
e Minimisation of the pressure fluctuations.
e Determination of the true equilibrium temperature.

e Determination of the true equilibrium vapour composition.

Abbot does mention, however, that good data may be measured with a still of good design.
The still presented by Malanowski (1982) is described as such by Abbott. It is designed such
that the above mentioned concerns are addressed. It also conforms to the criteria a
recirculating still should satisty (see Section 2.1). The low-pressure apparatus of Raal and
Miihlbauer (1998) is of similar construction to the Malanowski still. Moreover, it features a
packed equilibrium chamber, which ensures that the still does not rely on only the Cottrell
pump to achieve equilibrium. It was for these reasons and considering the excellent data of
Joseph et al. (2001) that the still of Raal and Miihlbauer (1998) was chosen for use in this
study.
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CHAPTER 3

SOLUTION THERMODYNAMICS

The accurate measurement of vapour-liquid equilibria (VLE) is a time consuming and difficult
exercise. The large number of chemical combinations and conditions (of temperature, pressure
and composition) that data may be required for makes measurement of all possible systems
impractical. Through the analysis of VLE measurements using thermodynamic principles, one is
able to reduce the data to sets of parameters. The parameters and their origins shall be discussed
in detail shortly as it is necessary to introduce certain concepts first. Appropriate use of the
parameters can predict VLE at unmeasured conditions of P, T and composition. Further, multi-
component VLE may be predicted from the constituent binary sets. Thermodynamics, therefore,
extends the applicability of accurate VLE measurements. It will also be shown later in this
chapter how thermodynamics may be used to judge the quality of measured VLE using

consistency tests. An overview of the chapter is shown in Figures 3-1, 3-2, 3-3 and 3-4.

Solution thermodynamics has been discussed in detail by many authors, such as Van Ness and
Abbott (1982), Smith et al. (1996) and Perry and Green (1998). The objective of this chapter is
to briefly introduce the theory that is essential to data reduction of low pressure VLE. Concepts
such as equilibrium and the criteria for equilibrium will be discussed, as well as expressions that

describe VLE for the following cases:

e The vapour behaves as an ideal gas and the liquid as an ideal solution (Raoult’s Law).

e The vapour behaves as an ideal gas and the liquid phase non-ideality is accounted for
(Modified Raoult’s Law).

» Both the liquid and vapour phases are assumed to display non-ideal behaviour (Gamma-

Phi and the Phi-Phi representations).

Although this chapter is concemmed with the application of thermodynamics to phase
equilibrium, a number of concepts must first be explained in order to understand the
development of the above-mentioned formulations. An appropriate starting point of this chapter

would be the first law of thermodynamics.
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Figure 3-1: Block diagram to show an overview of solution thermodynamics as applied to

low pressure vapour-liquid equilibrium
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Figure 3-2: Block diagram to show how the fugacity coefficient can be evaluated for low

pressure vapour-liquid equilibrium
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Figure 3-4: Block diagram to show the thermodynamic consistency tests available for low

pressure vapour-liquid equilibrium
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3.1 Internal energy (U) and the first law of thermodynamics
To understand what internal energy is, the following must be defined:

e Open system

Mass and energy transfer to and from the system’s surrounding are allowed
e Closed system

Only energy transfer to and from the system’s surrounding is allowed
e Isolated system

Neither mass nor energy may be transferred to or from the system’s surrounding

An isolated system may not be affected by its surrounding. It does however undergo measurable
internal changes (such as temperature and pressure). The system eventually reaches a static state
and 1s judged to be in internal equilibrium (Perry and Green, 1998). The internal energy is a

form of energy that exists for systems in a state of internal equilibrium.

The first law of thermodynamics states that the total energy of a system and its surrounding
remains constant. When applied to a closed (constant mass) system, the energy change of the
system must be exactly compensated by the energy change in the surrounding. The energy
changes are either through the transfer of heat or by doing work. The first law is therefore

expressed by Eq. 3-1:
dU’ =dQ+dW (3-1)

3.2 Entropy (S) and the second law of thermodynamics

The concept of reversibility is required to understand the definition of entropy (S). A process
that proceeds such that the system is never more than just differentially displaced from
equilibrium is said to be reversible. The system may be brought to its original state by an
infinitesimal change in external conditions. The entropy exists for any system in internal

equilibrium and for a reversible process the total entropy may be calculated from:

dst = Qe (3-2)
T
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The second law of thermodynamics states that the entropy change of any system and its
surroundings, considered together resulting from any real process is positive, approaching zero

when the process approaches reversibility.

This may be written as:

ds' > dTQ (3-3)

Eq. 3-3 shall be used later in the developing the criteria for phase equilibrium. Reversible work
may be calculated from the following equation that results from the definition of mechanical

work:
dWrev =—-PdV’ (3-4)

3.3 The fundamental property relation

The fundamental property relation provides the basis for solution thermodynamics (Van Ness
and Abbott, 1982). All equations relating properties of pressure-volume-temperature (PVT)
systems are derived from it. Before deriving the relation, the chemical potential (£) and Gibbs
energy (() must be introduced.

Eqgs. 3-1, 3-2 and 3-4 may be combined to give:

dU' =TdS"' — PdV" (3-5)

which is valid for a closed system containing a single phase undergoing a reversible process and

no chemical reaction.

The use of total properties is abandoned. A total property (M) for a system containing n number

of moles is given by:
M'(T,P,n,,n,,.)=nM (3-6)

The following may be written for a non-reacting closed system undergoing any type of process

(i.e. reversible or irreversible):
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d(nU)=Td(nS)-Pd(nV) (3-7
where n = nyj+n;+n;+...

Two cases are now considered, firstly for a closed system where nU = function(nS,nV) the

following may be shown from Eq. 3-7:
owv))  _ . (oU)) _
a(nS) nV.n a(nV) nS.n

Secondly for an open system where nU :function(nS,nV,nl,nz,nj,...) combining the

above results with the definition of the chemical potential (1):

U, = Ea(nU)}
ani nS.nV.n;

The following may be obtained for an open system and where n; = xin:

d(nU)=Td(nS)- Pd(nV)+zuid(xin)

This may be written as:
[dU—TdS+P¢1V—Zu,.dx,.}+{U ~TS+PV =) p.x, }/n =0

Since n and dn are independent and arbitrary, therefore:

dU =TdS - PdV + Y u,dx, (3-8)
U=TS-PV+) ix, (3-9)

It is at this stage that the Gibbs energy (G) and Enthalpy () may be introduced:
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G=U+PV-TS=H-T1S
where H =U + PV

d(nG):—nSdTJranPJrz,uidni (3-10)

Eq. 3-10 is the fundamental property relation for a single fluid of constant or variable mass and
constant or variable composition (open system). Eq. 3-10 may also be written in terms of the

enthalpy, a form useful later for the development of consistency tests:

(3-1D)

A 1GY gp Mg S By
RT | RT~ RT ~ RT

By introducing the idea of a partial molar property:

i7 = M)
ani T,P,nj

The chemical potential may be shown to be related to the Gibbs energy through:

u = lnG) G, (3-12)
ani T.P.n;

Smith et al. (1996) show summability of the partial molar property, which shall be used

il

extensively later in the chapter:

nM :Z”rﬁf

Smith et al. (1996) also derive the Gibbs-Duhem equation, which applies a constraint on how
partial molar properties may change with a change in 7 and P. This equation shall be used to
develop thermodynamic consistency tests for measured data later in this chapter. The general

form is given by:
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MY gp o[ M dT = xdM, =0
aP T x aT P.x i '

The form of the Gibbs-Duhem equation used in developing thermodynamic consistency tests is:

G

V H .
dl =Y x.d—- 3-13
Z A= (3-13)

—dP +
RT RT*?

3.4 The ideal gas state
The ideal gas equation is given by:

PV*® =RT (3-14)
Eq. 3-14 describes the behaviour of imaginary molecules of zero volume that do not interact
(Perry and Green, 1998). It is used as a standard to compare real gas behaviour through residual

properties (discussed shortly).

By introducing the following heat capacities:

Constant pressure: C', = [%I;J
P

Constant volume: C, = [%[T{—]
v

The following may be shown:

dH = C,dT (3-15)
as =Sear R gp (3-16)
T P

A feature of the ideal gas model is that the total pressure is given by the sum of the partial

pressures (hence P, = x,P). Gibbs theorem for a mixture of ideal gases follows from the ideal

gas model, and states:
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The partial molar property, other than the volume, of the constituent species in an ideal gas
mixture is equal to the corresponding molar property of the species as a pure gas at the mixture

temperature and the partial pressure in the mixture.

Gibbs theorem may be expressed as:

ME(T,P)=M}(T,P) (3-17)

!

Considering Gibbs theorem and applying Eqgs. 3-15 and 3-16 at constant temperature:

He¢=H! (3-18)

5% =5%-Rlny, (3-19)

The value for the Gibbs energy for an ideal gas is found by combining Eqs. 3-10, 3-18 and 3-19

and integrating to yield:

G* =T(T)+RTInP (3-20)

il

The chemical potential for an ideal gas may be derived using Eqs. 3-12 and 3-20:
u® =T(T)+RTInyP (3-21)

I'.is an integration constant and is a function of temperature only.

The significance of Eq. 3-20 will become apparent when residual properties are discussed.

3.5 Fugacity and the fugacity coefficient

This section deals with the departure of real gas behaviour from the ideal gas state. The ideal

gas equation 1s used to define residual properties. These are basically the difference between the

property value of a real fluid and an ideal fluid:
M =M-M*
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The ideal gas model serves as a standard to which the behaviour of real gases may be compared.

The value for the Gibbs energy of a real fluid is written as:
G, =T(T)+RTIn f, (3-22)

where the fugacity (f) replaces the pressure (P) in Eq. 3-20. The units for the fugacity are the

same as those for pressure. Eq. 3-22 together with:

fE=pr (3-23)

1

completes the definition of the fugacity. Further for a pure species the fugacity coefficient is

defined:

£
P

s
il

and
Gf =G -G* =RTIng¢, (3-24)
A similar expression may be derived for species in solution using the chemical potential:

g, =T.(T)+RTn f (3-25)

where f,. is the fugacity of species i in solution. Combining Eq. 3-21 and 3-25:

G =p -uf=RTIng, (3-26)
where the fugacity coefficient of species i in solution is defined as: (;3‘ = ﬁp and for an ideal
il
gas:
fir=yP (3-27)
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The fugacity of species i in an ideal gas mixture is therefore equal to its partial pressure. As
shown later, when the fugacity of each species in solution is the same the system is in chemical

equilibrium.

The fugacity coefficient is evaluated using the compressibility factor (Z). The latter compares

the ideal gas molar volume (V) with the true molar volume (V):

v PV
Z :W:E (3-28)

We may write Eq. 3-11 in terms of residual properties, and considering Eq. 3-26:

nG* nv* nH"® -
d = dP + dl+ ) In¢.dn, 3-29
[ RT J RT RT? z,' gudr, ( :
R
where 1n¢, :[a(nG—/RT)] (3-30)
on,
! P.T.n;
At constant T and composition
nG* Py ¥
= dP -
RT '[0 RT G20

. RT
since VA =y - - and considering Eq. 3-29

nG P dpP
T jo (nZ - n)? (3-32)
Egs. 3-30 and 3-32 together yield:
A Pl= dP
ng, = (Z - 1)? (3-33)
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The fugacity coefficient of a pure component is given by:

dar

m¢:f@-0p (3-34)

The fugacity coefficient for a pure species (Eq. 3-34) and the fugacity coefficient for a species
in solution (Eq. 3-33) may then be calculated once an appropriate expression for the
compressibility factor is proposed. These expressions are discussed in the next section.

3.6 Evaluating the liquid fugacity of a pure component

The essential role of the liquid fugacity of a pure component in phase equilibria will become
apparent in the section describing the combined (or Gamma-Phi) method for describing VLE
later in this chapter. Eq. 3-10 applied to a closed system containing a pure liquid evaporating at

constant temperature and pressure reduces to dG =0 and considering Eq. 3-22 for both the

liquid and vapour phase:
Gl-G/ =RTIn=L-=0 (3-35)

The above implies that:

j-iL — fiV — fi.\'ul (3"36)

ol =0 =0 (3-37)

These relationships are used to derive an expression for the fugacity of a compressed liquid. The

derivation is done in two parts (Raal and Miihlbauer, 1998):

e The fugacity of the saturated liquid is calculated from:
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f»L — fi.\'u! — ¢{.\‘u1[)[.\‘ul (3'38)

1

e The isothermal fugacity change in going from the saturated pressure to a higher

pressure is derived from Eq. 3-11:

Gl -G = J: V. dp (3-39)

The liquid molar volume (VF) is a weak function of pressure and considering Egs. 3-35

and 3-39 together:

VE (P_ iM,)

L =9 P exp—. 3-40
Ji =0 BT exp—— (3-40)

The exponential term is referred to as the Poynting correction factor and may be neglected for
low pressure computations as its contribution is negligible (Smith et al., 1996). The liquid molar
volume may be calculated from appropriate equations of state (discussed later in the chapter) or

from the Rackett equation (Smith et al., 1996) or modification thereof:

)0 2457

VE=Vazh" (3-41)

The reduced temperature (7,) is defined in the section describing corresponding states

correlations.

3.7 Evaluation of the fugacity coefficient

The expressions for the compressibility factor may either be in the form of correlations of PVT
data or obtained analytically from equations of state. Corresponding states correlations shall be
discussed briefly in this section as well a more detailed description of evaluating the fugacity
coefficient from equations of state.

3.7.1 Corresponding states correlations and the fugacity coefficient

The corresponding states theorem is based on the observation that data for ditferent fluids

display uniformity when the thermodynamic coordinates (7 and P) are expressed in a reduced
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form (Van Ness and Abbott, 1982). The two-parameter version is a simple case that states for
all pure fluids the compressibility factor is the same at the same values of reduced temperature

(T}) and reduced pressure (P,), where

T =1 wap =L
T, P

and

Z=Z(T.,P,.) forall fluids
The critical pressure and temperature for many chemicals are given in Reid et al. (1988).
Methods of estimating P and T¢ when data is not available are also discussed in the text and
shall be briefly described in the Discussion chapter.
Equations described in terms of the reduced parameters are referred to as generalised as they
apply to all gases. The two parameter correlation represents the behaviour of simple fluids (Ar,

Kr and Xe), however, a third parameter is necessary to extend the applicability of the method.

The accentric factor (w) was introduced by Pitzer (Pitzer and Brewer, [961) and is defined as:
=-10-log[e"),

The accentric factor may therefore be calculated from only P., T¢ and a vapour pressure

measurement at 7, = 0.7. The correlation for the compressibility factor is:
7=2°-wZ' (3-42)
where Z° and Z' are functions of T, and P,.

Substituting Eq. 3-42 into Eq. 3-34 and writing the result in reduced form:

o=0"Yo'f (3-43)

where
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In¢° ELP’ (z° —1)d]]j' and Ing' zj:’z‘ d]]j'

The values of ¢” and ¢' may be obtained from tables such as those presented by Lee and Kesler
(1975). The tabulated data may also be represented graphically and can be found in Lee and

Kesler (1975), Perry and Green (1998) and Smith et al. (1996).

The Pitzer type correlations are given for pure components only, it is however possible to obtain
properties for mixtures. This is done through the use of pseudo-parameters (defined for a

mixture):

T/)C = inTCi
P[)C = inPCi

Wpe = Z X W

Although these parameters are used to obtain properties for the mixture, they have no physical
significance for the mixture and the correlations are not suitable for highly polar substances
(Van Ness and Abbott, 1982). Although the correlation for only the fugacity coefficient is
discussed in this work, Pitzer-type correlations are available for other properties (such as the
reduced enthalpy). The reader is referred to the texts of Smith et al. (1996) and the publication
of Lee and Kesler (1975) for further detail.

3.7.2 Equations of state and the fugacity coefficients

As stated earlier the fugacity coefficient may be evaluated analytically from equations of state
using Eq. 3-33. The Pitzer type correlations are developed for a class of substances, which
means that accuracy may be compromised for specific compounds. Further, they are limited to
non-polar chemicals. The method for determining fugacity coefficients from the virial equation

of state and cubic equations of state shall be described.
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3.7.2.1 The virial equation of state

The virial equation of state has its theoretical basis in statistical mechanics. At constant

temperature and composition, the compressibility factor may be considered a function of molar
density (p = I/V) and can be represented by a Taylor series expansion (Van Ness and Abbott,
1982):

Z=Z,+ YW, (p-py) (3-44)

m=|

Zp and p, are measured at a reference state, which is chosen to be a real gas at zero pressure in
this case, therefore Z, = I and p, = 0. The virial equation in density, referred to as the Leiden

form after the first worker to cite the equation (Prausnitz et al., 1986), 1s now written as:

Z=1+y W, p" (3-45)

2
B=W, :{3—{23—], C=W, :(%]’

The composition dependencies of B, C, etc. are given (exactly by statistical mechanics) by the

following (Van Ness and Abbott, 1982):

B=3% %5 (3-46)
i

and CZZEZ)’,-YijCg;k )
Pk
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B; and B; are pure component properties which may be calculated from correlations (to be
discussed shortly). The evaluation of Bj; (=Bj), the cross coefficient (a mixture property), shall
also be discussed in due course. The exact composition dependence for mixtures shown in Eq.

3-46 1s a particularly attractive feature of the virial equation of state.

The virial equation may be written in pressure (taking the real gas at zero pressure to be the

reference state once again):

Z=1+Y W, pP" (3-47)

m=l

, 0"Z
where W, = 1 —
m! ap T.y,pp=0

The expansion in pressure (Eq. 3-47) is referred to as the Berlin form after the first worker to
cite the equation (Prausnitz et al., 1986). Analogous to the expansion in density, the following

may be defined:

2 2
B’Evvl’: a_Z :_§_’ C’EWZ’: a% :C-B2 s
dp | RT ap (RT)

Eqs. 3-45 and 3-47 are infinite series and reduce to the ideal gas equation if all the terms in the
summation are neglected. For systems at low pressure it is sufficient to consider just one term
from the summation (Perry and Green, 1998) and the two-term virial equation of state is given

by:

BP
Z=1+— -4
R (3-48)

It follows that:

- 3(nB j2
ZI.:1+[ (» )j - (3-49)
ey
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Considering Eqs. 3-33, 3-47 and 3-49, we evaluate the fugacity coefficient for a binary mixture

from:

- (B, +y%5,,) (3-50)

Ing. =—
9, ®T

where§,, =2B,, - B, — B,

For a multi-component mixture:

N P 1
Ing, :R_TJ:B“ +Ezz yiyj(26ik _5;‘1) (3-5D
P

where 5,.]. =2B,-B,-B,

and 6, =2B, - B, - B,

The applicability of the two-term virial equation of state is up to about Sbar. Many methods are
available for calculating second virial coefficients, three of the most popular methods are briefly

discussed:

3.7.2.1.1 Pitzer-type correlation

Prausnitz et al. (1986) explains how the Pitzer-type correlation may be used to calculate second
virial coefficients. The method is briefly described in this section. Egs. 3-42 and 3-48 together

yield:

RT,;,
B, =—% (B +0,B") (3-52)

if
Cij
The values for B° and B’ are represented by:

2 0.172
04126 and B =0.139— .

£, r

B® =0.083- Smith et al. (1996)

or
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0330 0.1385 0.0121
Tt

046 050 0.097 0.0073
rrorvy s

r r r r

B® =0.1445

and B =0.073 + Pitzer and Curl (1957)

Combining rules (for T¢, Pe and @) have been proposed by Prausnitz (1986) so that the cross
virial coefficient may be evaluated. The reader is referred to this text for the combining rules.
The method is limited to systems where the two-term virial equation of state is valid. It is also

unable to handle systems containing polar or associating molecules.
3.7.2.1.2 Correlation of Tsonopoulos

The empirical correlation of Tsonopoulos (1974) is a modification of the Pitzer-Curl correlation
for calculating second virial coefficients (Pitzer and Curl, 1957). Tsonopoulos (1974) presents
expressions applicable to both non-polar (where the dipole moment is zero) and polar chemicals

such as ketones, aldehydes, alcohols, etc.

For non-polar compounds Tsonopoulos presents the following modifications to the Pitzer-Curl

correlations (shown in the previous section) based on experimental data available at that time:

B = (30) 0.000607

Pitzer—Curl T 8
’

0.331 0.432 0.008
T2 - T - T8

r r r

and B =0.0637 +

The virial coefficient is given by Eq. 3-52.

For polar but non-hydrogen bonding chemicals (such as ketones and acetaldehydes),
Tsonopoulos modifies Eq. 3-52 by including a third term to the conventional Pitzer-Curl

equatton. The following equation is for the case of a pure component:

RTC (0) (1) (2)
B="C(B" +w,B" +B?) (3-53)

C
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a

3 . . .
where B ):F and a is a function of the reduced dipole moment (,ur =

r

10°u, P.
;)
Expressions for a in terms of 4, are available for different classes of chemicals in Tsonopoulos
(1974). Values for the dipole moment () of several chemicals may be found in McClellan

(1974) or calculated using molecular mechanics (by simulation software such as CS Chem3D

Ultra v6.0, CambridgeSoft.com).

Hydrogen bonding polar compounds are made up of molecules that tend to associate with
each other through hydrogen bonds (dimerisation). The latter makes the polar contribution to
the second virial coefficient more complicated (Tsonopolous, 1974). The second virial

coefficient may be calculated from Eq. 3-52, however B is now given by:

m_i_b
8 T®

r

The parameter a was chosen to be constant by Tsonopoulos (1974) and b was expressed in

terms of 4,. The reader is referred to the publication for more suggested values for a and b.

Although Eq. 3-42 shows how pure component second virial coefficients may be calculated, the
method may be extended to cross virial coefficients (and hence mixtures) using combining rules
(as mentioned in the previous section). Tsonopoulos (1974) suggests combining rules and the

reader is therefore referred to this publication once again for these rules.

3.7.2.1.3 Hayden and O’ Connell method

The method described by Hayden and O’ Connell (1975) does not offer the simplicity of the
Pitzer-type correlations. It is, however, an accurate predictive method that requires only critical
properties and molecular parameters that may be estimated from the molecular structure. As the
method consists of many equations, the discussion presented in this work will include only the
most relevant. The reader is referred to the publication of Hayden and O’ Connell (1975) for
more detail. The text of Prausnitz et al. (1980) presents the equations such that it may readily be

written in the form of a computer program.

The second virial coefficient is made up of different types of intermolecular forces (Hayden and
O’ Connell, 1975). For compounds that do not experience non-classical interactions (such as

hydrogen bonding):
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B, =B, +B

free metastable

+ Bbound (3-54)

totul

The terms Boerasapie aNd Byoung describe molecular pairs that are in a bound or metastably bound
state. The molecules may be in a bound state despite experiencing only classical interactions
such as non-polar repulsion and attraction. The metastable and bound terms are combined and
an analytical expression in terms of temperature and reduced dipole moment may be found in

Hayden and O’ Connell (1975).

The Pitzer-type equations show that a third parameter (such as the acentric factor) is sufficient
to describe the properties of non-polar fluids. In order to calculate By, (the contribution from
interactions when the distance between molecules is large), the method instead makes use of the
mean radius of gyration as a quantity to describe non-sphericity of non-polar forces. Its use is
preferred over the accentric factor as the latter is affected by complexing interactions (such as
association) which the method attempts to account for as well. The cases of non-polar
substances, polar non-associating chemicals and polar associating chemicals are considered
separately for expressing By, for pure components. This ensures that cross virial coefficients
are calculated more accurately for mixtures where both components may not be classified as

non-polar for example.

For non-polar substances the effect of non-polar non-sphericity on By, was considered by
Hayden and O’ Connell (1975). The authors present an analytical expression for By, based on
the hydrocarbon data available at that time (such as principle moments of inertia and critical

properties). The second virial coefficient may then be calculated from Eq. 3-54.

The effect of large dipole moments on the critical properties was accounted for when
calculating By, for polar non-associating compounds. The reader is referred to Hayden and
O Connell (1975) for detail on how this may be achieved using angle averaging. The authors
present an analytical expression for By, based on data available at that time for halogenated and
oxygenated substances that do not associate. The second virial coefficient may be then

calculated from Eq. 3-54.

Hayden and O ‘Connell (1975) describe the second virial coefficient of polar associating

compounds (such as alcohols and carboxylic acids) by the following equation:

B =B_ +B8B

total Sfrec

+ B/wund + Bchum (3—55)

metastable
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Bejen 18 the contribution of the chemical interactions (hydrogen bonding) to the second virial
coefficient. Hayden and O’ Connell (1975) present an expression for B, by correlating the
association contribution to the second virial coefficient as an equilibrium constant (Nothnagel et
al.,, 1973). The authors also account for the effect of association on the critical properties.
Further detail may be found in the publication. The other terms in Eq. 3-55 may be evaluated as

before.

Combining rules are used to calculate cross virial coefficients as in the previous methods. These
rules were developed by Hayden and O’ Connell (1975) and were based on available data at the

time and may be found in their publication. The method requires the following data:

e Critical pressure and temperature
References of sources for Pe and T¢ are given in the “Corresponding states correlation
and the fugacity coefficient” section.

e Mean radius of gyration

May be estimated from the parachor (P’) (Hayden and O’ Connell, 1975):

P’ =50+7.6R +13.75R"*

The parachor may be estimated by a group contribution method as given in Reid et al.
(1988).

e Dipole moment
References of sources for dipole moments are given in the “Correlation of
Tsonopoulos” section.

e Solvation and association parameters

These values may be found in Prausnitz et al. (1980).

In general, the method yields results not significantly better than the correlation of Tsonopoulos
(1974). It is however better capable of predicting values for pure chemicals and mixtures that
associate (Hayden and O’ Connell, 1975). The Hayden and O’ Connell method is suited for

complex molecules where no data are available and is popular in VLE calculations.

3.7.2.1.4 Other methods

Other methods of estimating second virial coefficients include:
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e Black (1958)

e O’ Connell and Prausnitz (1967) or the “extended Pitzer” method
Unlike the Pitzer-type, which is generalised, this method uses some empirical
parameters for complex molecules.

o Kreglewski (1969)

e Nothnagel et al. (1972)

Predicts values from a correlation that fits virial coefficient data.

These methods will not be discussed in this work and the reader is referred to the above-
mentioned publications. A comparison of results of the various methods may be found in
Hayden and O ‘Connell (1975). The Hayden and O’ Connell and Tsonopoulos methods were

shown to be more accurate.
3.7.2.2 Cubic equations of state

Cubic equations of state are able to accurately describe PVT behaviour over a large range of
temperature and pressure without becoming overly complicated (Van Ness and Abbott, 1982).
The equations are cubic with respect to molar volume and are the simplest polynomial type
equations able to represent both liquid and vapour behaviour (Smith et al., 1996). All the cubic

equations of state have the general form:

RT a(vV-n)
P=—"1- :
Vb (V-b\V?+6V+e) (320

The parameters b, a, 6, 11 and € are functions of temperature and composition.

The first cubic equation of state was the Van der Waals equation (Smith et al., 1996) and is the

simplest non-trivial case of Eq. 3-56 (the trivial case being the ideal gas law):

RT a
P = V—_—b— - F (3-57)

The Redlich-Kwong equation (Redlich and Kwong, 1949) is another example of a cubic

equation of state:
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p= RT B a
V-b T"V(V+b)

(3-58)

0.42748R°T .’ 0.08664RT..
= and b=——-—+
PC PC

a

The reader is referred to the text of Smith et al. (1996) and Redlich and Kwong (1949) for
further details about Eq. 3-58 and how the expressions for @ and b are derived. The parameters a
and b may be evaluated for mixtures using mixing rules. Unlike the virial equation of state (for
which the exact composition dependence of the parameters is known), mixing rules must be
proposed for the cubic equations of state (Perry and Green, 1998). The following are the

common mixing rules for the Redlich Kwong equation:
a=ZZyiyjaU and b:Zy,.b,.
(| i

The Redlich Kwong equation does not often yield accurate results for VLE calculations (Perry
and Green, 1998). A modification of Eq. 3-58 called the Soave Redlich Kwong (SRK) equation
(Soave, 1972) is one of two popular methods that gives more satisfactory results for VLE
calculations. The Peng Robinson (PR) equation (Peng and Robinson, 1976) is the second
preferred expression. The SRK and PR equations were developed specifically for VLE
calculations. The applicability of the equations was, however, limited by inadequate empirical
mixing rules. The class of theoretically based mixing rules introduced by Wong and Sandler
(1992) extended the application of cubic equations of state. The mixing rules, SRK and PR
equations will not be described, as the virial equation of state is sufficiently accurate for low
pressure VLE calculations. The reader is referred to the before mentioned publications for

further detail.

3.8 Excess properties and the activity coefficient

The ideal gas model was used to compare the behaviour of real gases through the residual
properties. For the liquid phase, the ideal solution serves the same purpose and the comparison

is done through excess properties (the difference between real and ideal solution behaviour).

The molar Gibbs energy is written as:

G“ =G +RTInx, (3-59)

48



Chapter 3

The following may also be written for an ideal solution:

u® =T(T)+RTInf" (3-60)
Egs. 3-22, 3-59 and 3-60 together show that:

f4=xf (3-61)
The definition of excess properties is analogous to that of residual properties:

MEP=M-M" (3-62)
For a real fluid the molar Gibbs energy is given by:

G, =T,(T)+RTn f, (3-63)
and

G =G, -’ =RT lny, (3-64)
where ¥, = ; is the activity coefficient of species / in solution. For an ideal solution 7 = 1.
The fundamental excess property relation is given by:

d[ ”If; }: ”RVTE dpP + ’Ilg f dr + Z%dn, (3-65)

It can be seen from Eqgs. 3-64 and 3-65 that:

Iny, = [%%;/RT)] (3-66)

g P.Tn;
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The activity coefficient may therefore be calculated from proposed expressions for the excess
Gibbs energy. This is an essential requirement for the Gamma-Phi representation of VLE

(discussed later in this chapter).

3.9 Excess Gibbs energy models and the activity coefficient

Evaluating activity coefficients from Eq. 3-66 requires that an expression for the excess Gibbs
energy must be known. Many such expressions have been proposed, however, the following

equations are the most popular:

e Woh!’s expansion (Margules and Van Laar)

o Wilson
 NRTL
* UNIQUAC

Each of the above shall be briefly discussed for the case of binary mixtures. In many cases only
binary parameters are necessary to calculate multi-component VLE. These methods are
sufficiently complicated that the computations are best made using a computer program. The
reader is referred to Prausnitz et al. (1986) for details on the computer techniques. When
temperature is constant the models represent the excess Gibbs energy as a function of
composition and pressure. The effect of pressure is usually ignored at no expense of accuracy
for low pressure computations (Prausntiz et al., 1986). The models also include adjustable
parameters which may be temperature dependant and are determined from experimental
isothermal data discussed in detail later in this chapter. It 1s not strictly correct to assume
temperature independence of model parameters if isobaric data are available (Prausnitz et al.,
1986). The assumption is only valid in the case of an athermal mixture, i.e. where the
components mix isothermally and isobarically without the evolution or absorption of heat. For
practical applications the assumption can be made if the temperature range is small. Prausnitz et
al. (1986) present a data set measured for the system n-propanol + water at atmospheric pressure
that is well represented by the Van Laar equation. Once the adjustable parameters have been
determined activity coefficients (and hence VLE data) may be both interpolated and
extrapolated for unmeasured compositions. Adjustable parameters can also be fixed using
infinite dilution activity coefficients and (in the case of systems that display a miscibility gap)

from mutual solubility data (Prausnitz et al., 1986).
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3.9.1 Wohl’s expansion

The Wohl expansion expresses the excess Gibbs energy as a power series in terms of effective

volume fractions (z; and z,). The general form is given by:

GE

2 2
=2a,,7,2, +3a,,2, 2, +30,, 2,2,
RT(xl% +x2‘]2)

(3-67)

3 3 2 2
+4ay,,2, 7, 401,72, +04,,,2,2; +...
where

X q X9
7, =——"— and z,=—22

X4, T X9, X4, T X4,

q and a are two types of parameters. The ¢’s are effective volumes of a pure component and for
non-polar mixtures it may be assumed the that the ratio of the g’s is the same as the ratio of
liquid molar volumes. The significance of the a’s (the interaction coefficients) is similar to that
of the virial coefficients (Prausnitz et al., 1986). Many models have been derived from Wohl’s
expansion; two very popular expressions (viz. the Margules and Van Laar) shall be discussed
briefly.

3.9.1.1 Margules equation

The Margules equation assumes that the molecular size of the constituent chemicals of a binary

mixture are the same (g, = g2). If the terms greater than the fourth power are neglected and

when Eq. 3-66 is applied to Wohl’s expansion the four-suffix Margules equation is obtained:

Iny, = A, x; +B, x; +C, x; (3-68)

z 3 ’ ’ 2 ’ 8 ’ z
IHY2 = [AM +§BM +2CM }‘1— _[BM +§CM }C: +CM x14 (3'69)
where
A//w = q(2a12 +6a,, —3a, +12a,, —6a1122)
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B;vt = 9(6‘1122 —6a,,, —24a,,, —8a,, + 24‘11122)

C;4 = Q(l2amz +12a,,, - 18‘11122)

Setting C,; to zero and removing the fourth order composition term reduces the method to the
three-suffix Margules equation. The two-suffix form is obtained by truncating the composition
dependence at the second order term and setting Bj, and C,, to zero. Prausnitz et al. (1986

lists the following features of the Margules equation:

e Despite being derived from a simplification that suggests the molar volumes are similar,
the three-suffix version gives good representation of many systems where this is not so.

e The four-suffix form is most applicable when many precise data points are available.

e The two and three suffix versions are most useful for smoothing data sets containing
only a few points and are useful for interpolation.

e An additional advantage of the three-suffix model is that it is capable of representing

maxima and minima in activity coefficient plots (although these are rare).
3.9.1.2 Van Laar equation

The Van Laar equation is also a special case of the Wohl expansion. We consider the case of the
constituents of the binary system being “not chemically dissimilar” but having different molar
volumes. Prausntiz et al. (1986) quotes benzene with iso-octane as an example. All the
interaction parameters except the binary parameter (a;;) may be neglected and the Wohl

expansion reduces to:

G* _ 2a,,x,%,9,9,
RT x,q, + x,9,

(3-70)

Applying Eq. 3-66 to find the expressions for the activity coefficients:

A B
Iny, = L —— and Iny, = *
1+ AVL i 1+ BVL _x_Z_
B, x, A, X

where A, =2q,a,, and B, =2g,a,,. Despite the derivation suggesting that the Van Laar

equation is suitable for simple, non-polar liquids, it has been found to represent some complex
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systems well (Prausnitz et al., 1986). The method is popular as it offers the advantages of being

flexible yet comparatively mathematically simple.
3.9.2 The Wilson model

The Wilson equation like the NRTL and UNIQUAC equations (discussed shortly) can not be
derived from the Wohl expansion. It is based on the notion that the interactions between
molecules depend primarily on local concentrations, which are expressed as volume fractions
(Walas, 1985). The derivation of the Wilson equation is presented by Prausnitz et al. (1986).

The excess Gibbs energy is expressed as:

E
% =X ln(xl +szlz)_xz ln(xz +xlA21)

The expressions for the activity coefficients obtained from Eq. 3-66 are:

A, _ Ay
X+ x,0,  x, +x A,

Iny, =—In(x, + x,A,, )+ xz[

A A
Iny, :~ln()c2 +x12A21)+ X, 12 - 2!
x,+ A, x, tx A,

where

As seen in the equations above, the Wilson equation has two adjustable parameters viz. (1;,-
Aryand (Az;-A52). The Wilson model is considered to be superior to other models such as the
Van Laar and Margules expressions (Raal and Miihlbauer, 1998). For accurate computations the
temperature dependence of the adjustable parameters may not be ignored, although they are

fairly temperature insensitive over a modest temperature range (Prausnitz et al., 1986). The
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Wilson equation may therefore be applied to isobaric data if the temperature range is not
extensive. The model can be applied to multi-component systems using parameters from the
constituent binary systems. The Wilson equation is not, however, able to predict liquid
immiscibility or extrema in the activity coefficients (Prausnitz et al., 1986). A modification to
the equation, discussed by Walas (1985), referred to as the T-K Wilson equation is able to

predict limited miscibility. The reader is referred to this text for more detail.
3.9.3 The NRTL equation

The NRTL (Non-random two liquid) equation is a two cell theory (Walas, 1985). In a binary
system it is assumed that the liquid is made up of two types of cells, viz. molecules of species 1
at the centre of molecules of species 1 and 2 and molecules of species 2 similarly surrounded by
both species of the binary (Renon and Prausnitz, 1968). The expression for GF and the activity

coefficients are:

E
G" 7,,Gy, 4 7,G,,
-t G +x.G
X X0, X, T X0,

where

The NRTL equation has 3 adjustable parameters, viz. (g12-811), (821-822) and @z (=Q)). The
adjustable parameter ¢, is an indication of the non-randomness of the mixture and is equal to

zero for a completely random mixture (Renon and Prausnitz, 1968). oy, was originally
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suggested (by Renon and Prausnitz (1968)) to have a value of between 0.1 and 0.47 depending
on the nature on the constituent chemicals. Walas (1985) states that activity coefficients are
relatively insensitive to values o, between 0.1 and 0.5 and in some cases a value of -1 produces
results similar to those produced using 0.3. Walas (1985) further suggests that a value of 0.3 be
used for non-aqueous mixtures and 0.4 for aqueous mixtures. Raal and Muhlbauer (1998) and
Joseph (2001) suggest that it is best to determine ¢, than to use a fixed value. Like the Wilson
equation, the NRTL model may also be used for multi-component mixtures using binary
parameters (Walas, 1985). It has the advantage over the Wilson equation in that it can be

applied to liquid-liquid equilibria.
3.9.4 The UNIQUAC equation

The UNIQUAC (Universal quasi-chemical) equation, like the Wilson and NRTL models, is also
based on the concept of local concentration. The NRTL and Wohl expansion type equations are
expressions more suitable for excess enthalpy rather than the excess Gibbs energy (Abrams and
Prausnitz, 1975). The NRTL equation also has the disadvantage of being expressed in terms of
three adjustable parameters. The model stipulates that the excess Gibbs energy is composed of
two parts (Walas, 1985), viz. the configurational or combinatorial part and the residual part. The
configurational part is the contribution due to the differences in sizes and shapes of molecules.
It attempts to describe the entropic contribution (Prausnitz et al. (1986). The residual part is the
contribution due to energetic interactions between molecules that are responsible for enthalpy of
mixing. The equation requires volume and surface factors (r and q) which are obtained by
crystallographic measurements (Walas, 1985). These factors may also be obtained from group
contributions. Prausnitz (1980) lists values for many substances and the method for obtaining
parameters by group contribution may be found in Raal and Mihlbauer (1998). When the
appropriate simplifying assumptions are made the UNIQUAC equation reduces to the Margules,
Van Laar, Wilson and NRTL equations (Abrams and Prausnitz, 1975). The following is the

expression for the excess Gibbs energy:

G*® = G* (configurational) + G* (residual)

GE (configurational)

x, In—+x, In +Z lneI + ] 9,
= _— —_— _X _— 7.X n—_
RT 1 X 2T q1% 0 q,%, O

2

2 1 2

GE(r(ZSidLLaZ) ’ ’ ’ ’ ’ 7
R—T =—q,X ln(Qi +92§21)—'Q2xz ln(82 +91€12)
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X r
_ it
Q=

xr +xjrj

9 — xiQi
Xiq; +x,49;

7

91_ X:d;
- ’ ’
X;q, +quj

The activity coefficients are found from:

Iny, =Iny,(configurational) +Iny, (residual)

Q. . :
Iny, (configurational) = 1n—’+§qi lng—+ D\ g

)
i i rj

£ Sy
Iny, (residual) = — ,-'ln 9,-'+9'- . +6'q; 7 - - p
4 g/ nf ,,51> i4i 0/ +6°, 0, +0

i

L==(r-g)~(;-1)

2

The equations presented in this section are for a modified version of the original UNIQUAC
expression. g’ has special values for water and alcohols, whereas in the original formulation g =
g’. The UNIQUAC equation has the advantages of the previous models (predicting
immiscibility and activity coefficient extrema) and is also superior in representing mixtures of
widely different molecular sizes (Walas, 1985). The equation is applicable to a large range of
non-electrolyte chemicals, both polar and non-polar. Although the method only has two
adjustable parameters it produces good representations in most cases except where the data are
highly precise and plentiful (Prausnitz et al., 1986). The UNIQUAC equation is the basis of the

UNIFAC method, a group contribution method for predicting activity coefficients. The group
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contribution method divides a molecule into functional groups and molecule-molecule
interactions are considered to be weighted sums of the group-group interactions (Prausnitz et al.,
1986). The group contributions are derived from experimental results of binary systems. The
method has been successfully used to design distillation columns where experimental multi-
component data were not available (Prausnitz et al., 1986). The reader is referred to the works
of Fredenslund et al. (1975), Fredenslund et al. (1977a) and Fredenslund et al. (1977b) for more
detail about the UNIFAC method.

3.10 Equilibrium and the criteria for equilibrium

-
Vapour phase )
Open
System <
Ty, Py, y1, Y2, ... Closed
W
5 System
Tb PL; Xy, X2y onn
Open <
System
Liquid phase
\ ~/

Figure 3-5: Illustration of a liquid and its vapour together constituting a closed system

Consider a mixture of chemicals contained within a closed system (see Figure 3-5). The total
system is regarded as closed as no mass transfer is allowed through the boundary. The
chemicals separate into a vapour and a liquid phase and the constituent chemicals distribute into
each phase. The vapour and liquid are each regarded as open systems as both mass and energy
may be transferred across the boundary of the phases. Figure 3-5 therefore represents two open

systems, which together make a closed system.

The system is said to have achieved thermal equilibrium when the temperatures (7, and T3) are
the same in each phase (Perry and Green, 1998). Mechanical equilibrium requires that the

pressures (P, and P,) be the same in each phase. Chemical equilibrium requires that the
chemical potentials of each species in both phases be the same, i.e. AL,.L = ﬂiv . The criterion is

readily extended to systems containing more than two phases.
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In order to prove the criterion for phase equilibrium to be true we must consider the first and
second laws of thermodynamics together. For a system in mechanical and thermal equilibrium
but not in a state of phase equilibrium, the changes occurring in the system are irreversible and
bring the system closer to equilibrium (Perry and Green, 1998). When Egs. 3-1 and 3-3 are

combined:
dU"'—dW -TdS' <0 (3-71)

Substituting Eq. 3-4 (the expression for mechanical work) into Eq. 3-71 to yield an expression

valid for both reversible and irreversible work:
dU" + PdV' =TdS' £0 (3-72)
At constant 7 and P the following result is obtained:

AU’ +PV' =T5"),, <0 or dG. , <0

The above equation shows that all irreversible processes occur in a direction such that the total
Gibbs energy decreases. The equilibrium state is therefore achieved when the system is in the

state of minimum total Gibbs energy. At equilibrium the differential changes experienced by the

system do not affect the total Gibbs energy and hence dG; , =0.

We write the fundamental property relation (Eq. 3-10) for the liquid and vapour phases:

d(nG)" =—(nS)"dT +(nV ) dP+ Y p}dn' (3-73)
d(nG) =—(nS) dT +(nV) dP+ Y pu dn/ (3-74)

The total Gibbs energy is found using Eq. 3-5 combined with Eqs. 3-73 and 3-74 and taken at
constant 7 and P (Perry and Green, 1997):

dG;,P = d(”G)T,P = Z;uiLd”iL + E;uiv d”iv =0 (3-75)
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since dn| =—dn/
3 (uf —p! Yn, =0 (3-76)

Smith et al. (1996) arrive at Eq. 3-76 by combining Eqs. 3-73 and 3-74, which together form a
closed system. Combining the result with Eq. 3-7 then yields Eq. 3-76.

dn, is an arbitrary quantity, therefore, it follows that uiL = ‘u[V and the chemical potential of

each species must be the same in each phase for the system to judged in phase equilibrium. The
prerequisite for phase equilibria to be attained is that both thermal and mechanical equilibrium
be achieved first. Raal and Muhlbauer (1998) present the proof that temperature and pressure

must be the same in each phase for phase equilibrium to occur.

The chemical potential has been shown to play an important role in phase equilibrium. It is,
however, an inconvenient quantity to work with as it is defined in terms of internal energy and
entropy (absolute values of neither are known), (Van Ness and Abbott, 1982). The chemical
potential also approaches negative infinity as P and x; tend to zero. It is preferred to work in
terms of fugacity for these reasons. The equivalent criteria (in terms of fugacity) for phase
equilibrium may be found by substituting Eq. 3-25 for the chemical potential. The result is that

the fugacity of species i must be the same in each phase, i.e.:

>

Fr=f (3-77)
3.11 Expressions describing vapour-liquid equilibrium

Solution thermodynamics may be used to develop equations that relate temperature, pressure,
liquid phase composition and vapour phase composition for a system in phase equilibrium. The

criterion for phase equilibrium shown in Eq. 3-77 may be applied to the following cases:

e The non-ideal behaviour of both the vapour and liquid phases are neglected (Raoult’s
Law).

* The non-ideal behaviour of the vapour phase is neglected but the liquid phase non-
ideality is accounted for through the activity coefficient and hence excess Gibbs energy

models (modified Raoult’s Law).
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e The vapour and liquid phase departure from ideal behaviour is accounted for through
the fugacity coefficient calculated from an equation of state (Phi-Phi or equation of state
method).

e The vapour phase non-ideality is accounted for through the fugacity coefficient (usually
using an equation of state) and the liquid phase non-ideal behaviour through the activity

coefficient and hence excess Gibbs energy models (Gamma-Phi or combined method).

Each of the above-mentioned expressions are only valid if the assumptions used to derive them
are true. Raoult’s law for example is the most limited expression, as it is the simplest. It may
therefore, only be applied to low pressure data where the vapour phase correction is close to 1.
The equation, however, does not yield realistic results in general and is used mainly as a
standard to judge real system behaviour (Perry and Green, 1998). The applicability of the other
equations shall be discussed shortly. By specifying two variables, either P or T and x; or y;, one
is able to calculate the unspecified variables. For example, calculating P and y; from specified T
and x; using any of the four expressions mentioned above is referred to as a bubble pressure
calculation. It is required that other information be available too, such as the pure component
saturated vapour pressures and adjustable parameters for the excess Gibbs energy model or
equation of state. These parameters may be obtained by regressing experimental data using
procedures such as the bubble pressure calculation. The bubble pressure and temperature
calculations are discussed in the section that follows, as is the data regression technique using
these calculation procedures. A brief derivation of each expression describing VLE and their

applicability is given below.

3.11.1 Raoult’s law

We first consider the simplest VLE case where the vapour may be described by the ideal gas
law and the liquid is assumed to behave as an ideal solution. The resulting equation is referred
to as Raoult’s Law and may be used to predict VLE from only pure component vapour pressure

data. It does, however, have severely limited application due to its simplicity. Raoult’s law may

be derived by substituting Eqs. 3-27 and 3-61 into Eq. 3-77 (the criterion for phase equilibrium):
))I,P = x[P’,‘m' (3-78)

Raoult’s law is primarily as a standard for comparison with real VLE behaviour (Perry and

Green, 1998).
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3.11.2 Modified Raoult’s law

If the vapour phase is considered to be an ideal gas and the liquid phase non-ideality is

accounted for through the activity coefficient, the modified Raoult’s Law is obtained. From the
definition of the activity coefficient we obtain that f,.L = x,7, f,. Substituting the latter and Eq.

3-27 (vapour phase fugacity of a species in an ideal gas mixture) into Eq. 3-77 yields:
P =xy, R (3-79)

The modified Raoult’s law provides more realistic VLE and is most applicable for low pressure
computations (where the vapour phase deviation from ideal gas behaviour is not too large). If
the activity coefficient is assumed to be independent of pressure, ¥ may be calculated from the

excess Gibbs energy models discussed earlier.
3.11.3 Equation of state approach

The equation of state approach is preferred for systems at elevated pressure (Perry and Green,
1998). The vapour phase non-ideality at these conditions, therefore, may not be ignored. Both
the vapour and liquid-phase deviations from ideal behaviour are accounted for using an equation
of state. This requires the equation of state to be able to accurately represent both liquid and
vapour properties, particularly the volumetric behaviour of liquids (Perry and Green, 1998). The
Soave-Redlich-Kwong and Peng-Robinson equations of state, as well as the Wong-Sandler
mixing rules (referred to earlier in this chapter) were specifically developed for use in the
equation of state approach. A fugacity coefficient is defined for both the liquid and vapour

phases and application of Eq. 3-77 yields:
x0" = (3-30)

As the fugacity coefficients are function of 7, P and composition the calculations are best
performed using a computer program. Details of the calculation procedure will not be discussed
in this work and may be found in the texts of Smith et al. (1996), Van Ness and Abbott (1982),
Raal and Mihlbauer (1998) and Perry and Green (1998).
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3.11.4 The Gamma-Phi approach

The Gamma-Phi approach to VLE allows one to correct for vapour phase non-ideality using an
equation of state as in the method described above. The liquid phase departure from ideal
behaviour 1s accounted for through the activity coefficient (hence excess Gibbs energy models).
This is the preferred method for data measured at low pressure (Perry and Green, 1998), the

equation of state may therefore be a simple type, such as the virial equation. The definition of

the fugacity coefficient in solution for the vapour phase yields:

£ =P (3-81)
For the liquid phase we write from the definition of the activity coefficient:

];iL = ‘xiYifiL (3-82)

The significance of the pure component liquid phase fugacity (f") given by Eq. 3-40 is now
apparent. Applying the criterion for phase equilibrium (Eq. 3-77) to Egs. 3-81 and 3-82 yields
the Gamma-Phi representation of VLE:

xy, B =y® P (3-83)

where

A. V-L P _ P..\'ul

CD,- = fpl CXp 1 ( ' ) (3_84)
(pixul RT

The exponential term is the reciprocal of the Poynting correction factor (Eq. 3-40) and can be

ignored for low pressure computations (Smith et al., 1996). ®; may be calculated from the

fugacity coefficients. Evaluation of the fugacity coefficient by various methods was discussed

elsewhere in this chapter. We choose for example the two-term virial equation of state to obtain:

(B, =V, XP= ™ )+ Pyi3,
RT

(3-85)

@, =exp
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where 5«‘1‘ EZBU. —B; - B, and the second virial coefficients may be evaluated as before.

VLE calculations using the Gamma-Phi method are discussed in the section that follows.

3.12 VLE calculations from the Gamma-Phi approach

The following types of calculations may be performed based on the Gamma-Phi representation

of VLE:

o Bubble pressure

Given T and x;, one calculates P and y;.
e Bubble temperature

Given P and x;, one calculates 7 and y;.
e Dew pressure

Given T and y;, one calculates P and x;.
e Dew temperature

Given P and y,, one calculates T and x;.

Due to the implicit dependence of the following relationships on 7, P, x; and y; the calculations

are iterative:

®, = (T, P,y ;)

v, =1 %%,
B,vut — qu( (T)

Note the pressure dependence is ignored in the expression for the activity coefficient (for
reasons discussed previously). The procedures for the bubble pressure and temperature
calculations are shown in Figures 3-6 and 3-7 (as these procedures were used in this work). The
dew pressure and temperature calculations are discussed by Smith et al. (1996). Setting the ®;’s
to 1 reduces Eq. 3-83 to the modified Raoult’s law, and setting both the ®;’s and ¥’s to 1
reduces the equation to Raoult’s law. The procedures (shown in Figures. 3-6 and 3-7) are
therefore readily applied to both Raoult’s law and the modified Raoult’s law by making these
simplifications. The calculation procedure for the equation of state (Phi-Phi) method can not be

derived from Figures 3-6 and 3-7 but may also be found in Smith et al. (1996).
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3.12.1 Bubble pressure

Read T and x;
Set O =1
Calculate P from Antoine equation

v from G* model
P from Eq. 3-86
B,;, from Haydon and ‘O Connell (1975)

A 4

Calculate y; from Eq. 3-87
@, from Eq. 3-85

v
Calculate P from Eq. 3-86

A4

OP < tolerance

Yes

vy

Output P and y;

Figure 3-6: Block diagram to show the bubble pressure calculation from the Gamma-Phi

representation of VLE (Smith et al., 1996)

The following equations result from Eq. 3-83 and are required for the bubble pressure

calculation:

x.,}/.P..\'(”
p=N it (3-86)
27,
g = A (3-87)
®,P

1
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3.12.2 Bubble temperature

Read P and x;
Set D=1
Calculate T from Antoine equation
Set T= inT,’m,
Calculate P using above T
P from Eq. 3-88
T from Antoine equation using P
A
Calculate P from Antoine equation

y; from Eq. 3-87

B,;, from Hayden and ‘O Connell (1975)
@; from Eq. 3-85

¥ from G* model

P from Eq. 3-88

T from Antoine equation using above P/

A 4

4

OT < tolerance

Yes

\

Output T and y,

Figure 3-7: Block diagram to show the bubble temperature calculation from the Gamma-

Phi representation of VLE (Smith et al., 1996)

The following equation (resulting from Eq. 3-83) together with Eqs. 3-86 and 3-87 are required

for the bubble temperature calculation (Figure 3-7):
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3.13 Data reduction using the Gamma-Phi approach (Model dependent method)

The calculation procedures described in the previous section may only be used to perform VLE
calculations if the adjustable parameters (such as those for the Gibbs excess models) are known.
The parameters can be evaluated from experimental data. By performing data reduction, one
correlates the experimental data to the proposed models. The resulting set of parameters may be
used for interpolating or extrapolating data within reason (discussed in the “Excess Gibbs
energy and the activity coefficient” section). The bubble pressure and temperature calculations
are an integral part of data reduction as shown in Figure 3-8. The reduction of both isothermal

and 1sobaric binary VLE data is discussed briefly:
3.13.1 Isothermal data

Isothermal measurements may be obtained from either static cells or recirculating-type VLE
stills (discussed in the previous chapter under experimental techniques for VLE measurement).
The experiments are made at constant temperature and by varying the composition of the

chemicals one obtains the following experimental data:

e Static cell - experiment temperature, total pressure for various compositions and the
corresponding equilibrium liquid composition (7, P; and x;).

e Recirculating-type still - experiment temperature, total pressure for various
compositions and the corresponding equilibrium liquid and vapour compositions (7, P,

y; and x;).

Although data from static cell measurements appears to be missing y;, a consequence of the
Gibb-Duhem equation (Eq. 3-13) is that only three variables need to be measured and the fourth
may be calculated during the data reduction procedure. This excludes the possibility of testing
for thermodynamic consistency using the Gibbs-Duhem equation (discussed shortly). The
procedure using a bubble pressure calculation (shown in Figure 3-8) is iterative and involves
making initial guesses for the model parameters. The primary residuals (difference between

experimental and values calculated from the model) are defined:

_ exp _ . caleulated
Oy ¥

i { i

— pexp __ calculured
5P =P P
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The above are referred to as primary residuals as all other residuals (such as §)) may be written

in terms of 8P and 8y (Van Ness and Abbott, 1982).

Texp
Pexp R : h .
egression Scheme: A
> i
P Calculate 3; based
o alculate a; based on
Yi > S TP Bubble Pressure
minimisation of > Caleulati
. . . < 1
x; P objective function exp alcuiation
. Xi
until convergence : >
éo »
Y 7y
Pcalculated
calculated
1

Figure 3-8: Block diagram to show how a bubble pressure calculation may be used to

reduce experimental data

The residuals form the basis for the data reduction as an objective function written in terms of
OP and dy is minimised. Figure 3-8 shows a set of initial guess adjustable parameters yielding
values for P and y,. The objective function is then minimised and a new set of parameters are
calculated by a non-linear regression scheme. The method of Marquardt was used in this work
(Marquardt, 1963). The procedure is repeated until a set of parameters within an acceptable
tolerance is converged upon. A perfectly consistent data set should yield exactly the same
parameters regardless of the objective used (Van Ness and Abbott, 1982). Van Ness and Abbot

(1982) suggest that an objective function in terms of pressure yields the best results:

S=>(P) (3-89)

This is consistent with the work of Joseph (2001). The method of data reduction requires that a
number of excess Gibbs energy models are fitted to experimental data until the model that
yields no systematic discrepancies is found (i.e. the fit does not show a positive or negative

bias). This is referred to as Barker’s method (1953) and is a model dependent method. The term
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“model dependent” refers to the use of an excess Gibbs energy model. The Phi-Phi method
(equation of state approach) also requires that adjustable parameters be solved for. The

procedure shown in Figure 3-8 is analogous for the equation of state approach.

As discussed in the excess Gibbs energy section, the adjustable parameters obtained from
isothermal data are true constants i.e. they apply throughout the concentration range for an
isotherm. This is not so for an isobaric set (see section on excess Gibbs energy models). Data
reduction of multiple isotherms yields the temperature dependence of the adjustable parameters

(refer to Discussion chapter in this thesis).
3.13.2 Isobaric data

Isobaric VLE data are used in many practical applications (the design of distillation columns for
example), (Prausnitz et al., 1986). They may be reduced in a similar way to isothermal data if
the temperature dependence of the adjustable parameters is neglected (Van Ness and Abbott,
1982). As discussed in the excess Gibbs energy model section this is only true of a special class
of systems that mix athermally (also discussed previously). Isobaric data may nevertheless be
well represented by models such as the Van Laar and Wilson equations (which show relative
insensitivity to temperature over a small range). The data reduction method is as shown in
Figure 3-8 except that the bubble pressure calculation is replaced with a bubble temperature

calculation and the pressure residual is replaced with the temperature residual:
5T = Texp _ Tuu[cu[uml
and the objective function suggested by Van Ness and Abbott (1982) is:

S=>(61) (3-90)

3.14 Data reduction using model independent methods

Methods based on Eq. 3-83 that do not assume models for the excess Gibbs energy may be used
to reduce VLE data. Two such examples are those that use the coexistence equation for two-
phase equilibria and the indirect model-free method of Mixon et al. (1965). Neither method will
be discussed in detail, the reader is referred to the texts of Van Ness and Abbott (1982), Raal

and Miihlbauer (1998) and the publication of Sayegh and Vera (1980).
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Briefly the coexistence equation uses the fact that the fugacity of each species in solution is
related through the Gibbs-Duhem equation to develop the coexistence equation for two-phase
equilibria (Van Ness and Abbott, 1982). The equation cannot be applied to multi-component

systems, neither does it apply to systems that exhibit azeotropes (Joseph, 2001).

The indirect method makes no assumption of the form of the excess Gibbs energy and uses a
numerical algorithm. It requires an initial fit of an empirical expression (or set of expressions) to
the P-x data such that points may be accurately interpolated (Van Ness and Abbott, 1982). The
method may be applied to multi-component systems and those that exhibit azeotropes, but is not

preferred due to the complex nature of the calculation procedures (Joseph, 2001).
3.15 Thermodynamic consistency tests

Solution thermodynamics allows one to judge the quality of measured VLE data. Some
measurement techniques produce data with systematic errors (positive or negative bias to any
correlating equation). The Gibbs-Duhem equation (Eq. 3-13) gives the constraint to how partial
molar properties change with pressure and temperature. It is the basis for many consistency tests

including the following, which shall be briefly described in this section:

e Areatest - Herrington (1947) and Redlich and Kister (1948)
e Point test - Van Ness and Abbott (1982)
e Direct test — Van Ness (1995)

Consistency tests such as those of Kojima et al. (1990) are reviewed by Joseph (2001) and the
reader is referred to this text. Before discussing the above tests, the Gibbs-Duhem equation must
be derived in the form used by the tests. The summability of partial molar properties written for

the activity coefficient for one mole of a binary system is:

GE
{R—T]: X ln}/l +x2 1n}/2

It follows that

GE
d[—J:x[dlny, +x2d1n«/2+]n£dx, (3-91)

5
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The fundamental excess property relation for one mole of a binary mixture is given by

GE VE E
d =Y ap B rin g
RT | RT ~RT? 7,

Van Ness (1995) rewrites Eq. 3-92:

d(L/RT):]n:/_I..{_E
dx, 72

where

E=€, €,

H® dr VE 4ar
gTE —_— d = -

5 and €, =—
RT? dx, RT dx,

For isothermal data & = 0 and for the isobaric case & = 0

The Gibbs-Duhem equation for excess properties results from Eqgs. 3-91 and 3-92:

B a’lnyl+r dlny,

J -£=0
' dx, P odx,

Consistent data should conform to both Egs. 3-93 and 3-94.

3.15.1 Area test

(3-92)

(3-93)

(3-94)

The area test was proposed by Redlich and Kister (1948). It has been a very popular test due to

its simplicity. It is, however, a necessary condition that consistent data pass the area test but not

a sufficient one (Van Ness, 1995). The limitations of the area test will be discussed briefly after

the equation is developed.

The summability of partial molar properties may be written for experimental values of the

activity coefficient to yield the experimental values of the excess Gibbs energy:
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£ \ExP
{%} =x Iny™ +x, Iny;?

Differentiating:

exp

E exp exp dl
d(G /RT) —)cldlm/l +ln}/f‘p+x2—m/2 —Iny;®

dx, dx, dx,

Adding ¢ - €to the right-hand side and integrating over the composition range yields:

E \**P exp dl exp dl exp
Jl 461 - Jl e x, + Jl X, iy X, £ R L (3-95)
oCRT | TRy o\ a dx,

£ \ExP
(%J =0 atx, = 0andx, = 1, and considering the Gibbs-Duhem equation (Eq. 3-94):

exp
j(:[ln hoye de, =0 (3-96)
5

exp
1
exp
2

To perform the test, one plots {ln + 6} against x;. € is often and incorrectly ignored when

applying the area test to both isothermal and isobaric data sets (Van Ness, 1995). The graph that

results crosses the x-axis such that the integral may be broken into two areas, i.e. above the x-

axis (a,;) and below the x-axis (a;). Eq. 3-96 requires that a, —a, =0 although in general it is

a, —a,

acceptable that <10% (Van Ness, 1995).

a +a2

Van Ness (1995) expresses concern over the use of the area test. Eq. 3-96 is derived on the
presumption that the data are consistent. Further, £ being neglected is a satisfactory
approximation for isothermal data, but in the case of isobaric data the excess enthalpy (heat of
mixing) 1s often a significant quantity. It is also possible that the second integral on the right-
hand side of Eq. 3-95 may be non-zero and thus provide a compensating effect to make the first

integral fall within the 10% discrepancy required by the test.
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Van Ness (1995) highlights a serious concern regarding the area test and pressure measurement.
As mentioned earlier, determining experimental values for 7, P, x; and y; is an over-specification
of the VLE problem and the potential of inconsistency of P with y; exists. Van Ness (1995)

states that a test should check for consistency of measured P with y;. From the Gamma-Phi

exp

representation of VLE (Eq. 3-83) it is apparent that the determination of v

(as required by

exp
2

the area test) does not require the experimental pressure. Van Ness (1995) concludes that the
area test merely confirms that the pure component vapour pressure ratio is appropriate for the

set of y;-x;.
3.15.2 Point test

Van Ness and Abbott (1982) discuss a method of testing the consistency of experimental
pressure with vapour composition using data reduction. The procedure requires that the
regression be performed using Barker’s method (discussed earlier) and only the pressure
residual in the objective function. The latter ensures that the pressure residual scatters about
zero (Van Ness, 1982). Systematic errors are transferred to the vapour composition residual,

which scatters about zero for consistent data. The following are required to perform the test:

e The excess Gibbs energy model must be flexible enough to allow the pressure residual
to scatter about zero.

e The pure component vapour pressures must be measured carefully as incorrect values

introduce systematic errors in Oy;.

It is further suggested that the average absolute deviation of dy; be less than 0.01 (Fredenslund

et al., 1977b and Danner and Gess, 1990).

3.15.3 Direct test

The area test is based on ln(}/f"p /yj‘") and was found to be lacking as a consistency test. The

residual 51n(}/,/}/2) is the basis of the direct test. Writing Eq. 3-93 and 3-94 for the

experimental value of the excess Gibbs energy and combining them yields:

exp

£ exp exp exp dl ¢
d(G /RT) — 2 +£+x,dlnyl + X, .

- (3-97)
dx, 120 dx, ax,
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The excess Gibbs energy residual results when Eq. 3-97 is subtracted from Eq. 3-93:

E
d6GEIRT) 5 1 [
d‘xl ’},2 dxl

(3-98)

exp exp
ldlnyI +x2dlny2 _S]
dx,

When an isothermal or isobaric data set is reduced using the following objective function

E
S= 25 G— the excess Gibbs energy residual scatter about zero and Eq. 3-98 becomes:
— RT

exp

Iny ™ ]
5ln£:xldnyl +x2dn72
72 dx, dx,

(3-99)

The Gibbs-Duhem equation (Eq. 3-94) requires that the right-hand side of Eq. 3-99 be equal to
zero and the left-hand side is a measure of the deviation of the experimental data from the
Gibbs-Duhem equation (Van Ness, 1995). The direct test, therefore, requires that the residual

5ln—y—l for thermodynamically consistent data, scatters about zero when the data are

72

. - . G*
reduced subject to the objective function § = Z5Ef Van Ness (1995) suggests a scale

based on the root mean square (RMS) of the residual St o judge the quality of

Y2
experimental data. A value of “1” is assigned to data of the highest quality and 10 for a

highly unsatisfactory set (see Table 3-1).

Table 3-1: Consistency Index for VLE data (Van Ness, 1995)

Index RMS 8ln(yi/72)

1 >0 <0.025
2 >0.025  <0.050
3 >0.050  <0.075
4 >0.075  <0.100
5 >0.100  <0.125
6 >0.125  <0.150
7 >0.150  <0.175
8 >0.175  <0.200
9 >0.200  <0.225
10 >0.225
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CHAPTER 4

ACTIVITY COEFFICIENTS AT INFINITE DILUTION -
EXPERIMENTAL METHODS

Alessi et al. (1991) define the dilute region for a binary mixture in the following way: “When a
given molecule of type 1 does not find around itself other molecules of type 1 with which it can
interact so that the only interaction will be with molecules of type 2.” 1t is, therefore, important
to begin by explaining how properties at such an abstract condition can be measured. Alessi et
al. (1991) show that the activity coeftficient of some binary systems actually reaches the value at
infinite dilution at a small (though finite) concentration. The extent of the infinite dilution
region is due to size or interaction energy differences. The authors state that it 1s not possible to
quantitatively predict the region. Qualitatively, for a mixture of similar hydrocarbons the region
1s approximately less than 1% (mole percent). For associating species, the dilute region is very
much smaller (as low as 10 mole fraction). Considering this phenomenon, the dilute region for
a binary mixture can now be regarded as a state sufficiently dilute that solute-solute interactions
can be ignored. Experiments to obtain infinite dilution activity coefficients can, therefore, be
performed using mixtures at a finite concentration. The resulting infinite dilution activity

coefficients are of considerable use (discussed in Chapter 9).

Raal and Muhlbauer (1998) present a review of experimental techniques for the measurement of

infinite dilution activity coefficients (Y*). The following are listed as the principal methods:

e Inert gas stripping
¢ Differential ebulliometry
* Differential static

s  (Gas chromatography
Another extensive review may be found in Moollan (1995) where particular attention is paid to

the gas chromatography method. Each of the above-mentioned methods will be discussed with

particular focus on the inert gas stripping technique, as this was the method used in this study.
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4.1 Inert gas stripping technique

The inert gas stripping technique is based on exponential dilution. The principle of exponential
dilution will be explained. Its application to the measurement of infinite dilution activity

coefficients will be discussed thereafter.

4.1.1 Exponential dilution

Fowlis and Scott (1963) used the exponential dilution method for GC detector calibration. A
constant flow of inert gas is allowed to flow through a flask containing the calibrant fluid. The
concentration of fluid in the exit stream will be observed to decrease exponentially as the solute
is desorbed from the liquid into the gas bubbles. The method can be extended to gas phase

calibration and much discussion is available in the publication of Ritter and Adams (1976).
4.1.2 The apparatus of Leroi et al. (1977)
Leroi et al. (1977) presented an apparatus and procedure to measure infinite dilution activity

coefficients using the principle of exponential dilution. The central feature is the dilutor flask

(Figure 4-1).

Figure 4-1: Dilutor cell used in the inert gas stripping apparatus of Leroi et al. (1977) for
measuring infinite dilution activity coefficients. A - Water jacket; B - Gas inlet; C - Fritted
disk gas dispersion device; D - Provision for solute introduction to cell; E - Magnetic

stirrer bar; F - Gas outlet
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The glass cell constructed from Pyrex contains the dilute mixture and is contained in a water
Jacket (A) to allow for isothermal operation. The gas enters the dilutor through a glass tube in
the middle of the cell (B). The tube ends near the bottom of the cell in a fine porosity fritted disk
(C) to produce a fine stream of bubbles. Provision is made (D) for introducing the small
quantity of solute required by way of a 10u/ syringe. The contents of the cell are stirred by

means of a magnetic stirrer.

4
Gas Needle
Sampling Valve
< Valve
e X No
Gas N
Chromatograph
Integrator M
Stirred Dilutor
y Cell
Vent <
Heat
Exchanger halh
Flow-meter Cold Trap

Figure 4-2: Flow Diagram of the inert gas stripping apparatus of Leroi et al. (1977) for

measuring infinite dilution activity coefficients

A flow diagram of the inert gas stripping apparatus is shown if Figure 4-2. The flow of inert gas
(helium in this case) is regulated with a needle valve prior to being introduced into the cell. The
exit stream then enters a GC sampling valve through heated lines. The heating ensures that none

of the stripped chemicals condense. The valve operates in two modes:

1. Vent

The stripping gas flows through a sample loop and is directed to a condensation trap. The
stripped components are thus removed. The gas is then brought back to ambient temperature
in a heat exchanger and the flow-rate measured with a soap bubble flow-meter and vented to

the atmosphere.

2. Sample
Carrier gas from the GC is allowed to flow through the sample loop and the sample is
analysed. The stripping gas bypasses the sample loop in this mode of operation and is

vented.
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Some modifications have been proposed to the inert gas stripping technique, mainly relating to
the design of the dilutor flask. The method has, however, remained largely unchanged since the

original apparatus of Leroi et al. (1977).

4.1.3 Mass transfer considerations and the capillary dispersion device

The inert gas stripping technique requires that the bubble size be minimised in order to
maximise mass transfer into the bubble so that equilibrium can be achieved. Richon et al. (1980)
presented a dilutor cell designed on the basis of mass transfer considerations in the cell. The
authors demonstrate the sensitivity of the method to bubble size in order to find the appropriate
bubble rise height (and hence the length of the cell). A similar calculation procedure was used to
design the cell used in this study and may be found in Appendices D. The dilutor flask of
Richon et al. (1980), shown in Figure 4-3 introduces the gas through capillaries (B) rather than a
fritted disk. The authors observed the bubbles to be larger when using the fritted disk (consistent

with the observations in this study).

Figure 4-3: Dilutor cell used in the inert gas stripping apparatus of Richon et. al (1980) for
measuring infinite dilution activity coefficients. A - Water jacket; B - Capillaries to act as

gas dispersion device; C - Gas inlet; D, Magnetic stirrer bar; E - Gas outlet
4.1.4 Pre-saturation of the stripping gas (double cell technique)
Dolezal et al. (1981) provide a comparison between the conventional method of Leroi et al.
(1977) as described above and one that pre-saturates the inert gas with the solvent prior to

entering the dilutor flask (see Figure 4-4). The gas is first directed through a cell (A) of identical

design to the dilutor flask (B), containing pure solvent. The solvent saturated gas then enters the
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dilutor flask containing the solute in dilute concentration in the solvent. The pre-saturation
method is also known as the double cell technique (DCT) and is advised when studying systems

containing high volatility solvents.

Gas Needle
Sampling Valve
< Valve
O AR
Gas
Chromatograph J
Integrator v " | Pre-saturation
Stirred Dilutor Cell
y Cell
Vent <
Heat
<«+— Exchanger ~
Flow-meter Cold Trap

Figure 4-4: Flow diagram of apparatus of the inert gas stripping double cell technique for

measuring infinite dilution activity coefficients as introduced by Dolezal et al. (1981)

Bao and Han (1995) present an overall scheme suggesting when the use of the single cell
technique (SCT) or DCT are most appropriate (see Figure 4-5). The authors advocate the use of
the DCT when measuring systems of multiple solutes in a solvent. The infinite dilution activity

coefficient of each solute in the solvent can be measured in a single experiment.
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Figure 4-5: Overall scheme given by Bao and Han (1995) for choosing the double or single
cell technique for inert gas stripping as used to measure infinite dilution activity
coefficients

4.1.5 Viscous or foaming mixtures
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Richon et al. (1985) propose a cell design to measure limiting activity coefficients of viscous or
foaming mixtures. The apparatus is designed to handle mixtures of viscosity up to 1000 cP
(compared to 50 cP of the conventional method). The development of such an apparatus is due
to the requirement for the retention of aroma in food. The latter ensures that processed food
maintains its best sensory qualities. Measurement of the retention aroma requires the infinite
dilution activity coefficient of various substrates in food be measured. The mixtures contain
high concentrations of proteins, carbohydrates or polyols, all of which require that the design of
the cell be revised. The inert gas enters the dilutor flask (shown in Figure 4-6) through the
bottom of the cell and is distributed into the liquid through capillaries (A). The cell features an
Archimedes screw (B) to circulate the liquid, a foam breaker (C) and a bladed screw (D) to
prevent liquid rotation. Richon et al. (1985) also present mass transfer considerations for the cell

design.

- vy
JU
N T B
—lo
eV |

(%]

2ty

Figure 4-6: Dilutor cell designed for measuring infinite dilution activity coefficients of

viscous and foaming mixtures (Richon et al., 1985) A - Capillary dispersion device; B -
Archimedes screw; C - Foam breaking device; D - Bladed screw; E - Gas inlet; F - Gas

outlet; G - Water jacket

4.1.6 Liquid phase analysis

Hradetzky et al. (1990) describe a method where the remaining liquid is analysed rather than the
gas exit stream from the cell. The method is suggested for systems with low volatility solutes
and therefore increases the range of applicability of the inert gas stripping method. Wobst et al.
(1992) also advocate the use of liquid phase analysis. The authors present a comparison of the

gas phase and liquid phase sampling, and show the latter to have improved precision.
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4.1.7 Exponential saturation

Hovorka and Dohnal (1999) propose the method of exponential saturation for the measurement
of limiting activity coefficients. The apparatus (Figure 4-7) consists of two cells, a pre-
saturation cell (A) containing the pure solute and a cell containing a known amount of solvent
(B). The inert gas is first saturated with solute and then allowed to bubble through the solvent.
The concentration of solute in the second cell will increase with time and the saturation of
solvent in the exit stream is monitored. The infinite dilution activity coefficients may be
calculated from equations formulated by the authors. The exponential saturator (EXPSAT) is
suited for the determination of large limiting activity coefficients. Further details are available

in the publication of Dohnal and Hovorka (1999).

4-|

Gas Needle
Sampling Valve
< Valve N
O N
Gas
Chromatograph
Integrator Y Y | Pre-saturation Cell
Containing Pure

Stirred EXPSAT Solute

v Cell Containing Pure

Vent < Solvent Initially
Heat
<«— Exchanger i
Flow-meter Cold Trap

Figure 4-7: Flow diagram of the EXPSAT apparatus for measuring infinite dilution
activity coefficients (modification of the inert gas stripping technique) used by Hovorka

and Dohnal (1999)
4.1.8 Other applications of the inert gas stripping technique

o Infinite dilution Henry’s constants

Richon and Renon (1980) extended the method to the measurement of infinite dilution
Henry's constants. Henry’s constants characterise the solubility of gases and are
important data for oil recovery problems. The cell employs capillaries for gas
distribution and also features baffles.

e Partition coefticients at infinite dilution
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The versatility of the method was further shown by Legret et al. (1983), where the
authors present a method for measuring partition coefficients at infinite dilution. Such
data is useful for the pipe line design and tertiary oil recovery.

Measurement of vapour-liquid equilibria

Yet another application of the inert gas stripping technique was described by Oveckovd
et al. (1991) and Miyamoto et al. (2000). The method was used to produce isothermal
VLE measurements. The procedure of Oveckovd et al. (1991) involves the
measurement of the liquid phase composition whereas Miyamoto et al. (2000) measure

the composition of the exit gas stream.

4.1.9 Pros and cons of the inert gas stripping method

Advantages:

Requires area ratios therefore, the GC detector need not be calibrated as it is reasonable
to assume that the response is linear for a low range of solute concentration.

Multiple solutes may be studied in a single experiment.

May be used to measure infinite dilution activity coefficients for systems with high

volatility solvents.

Disadvantages:

Good gas-liquid contact is essential for accurate results.

Requires high purity solutes.

Measurements are problematic for systems with low volatility solutes. Richon et al.
(1980) noted difficulty in measuring systems containing solutes with more than 9

carbons due to low volatility.

4.2 Differential ebulliometry

Gautreaux and Coates (1955) present exact relationships for the activity coefficient ratio

(ﬂ/iL ly! )w given the following sets of data:

el

Isobaric (7-x;) data
Isobaric (7-y;) data
Isothermal (P-x;) data

Isothermal (P-y;) data
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Static and ebulliometer type apparatus can be used to measure isobaric T-x; and isothermal P-x;
data. These two cases are therefore of interest. Differential ebulliometry requires that a set of
ebulliometers be connected to a pressure manifold. The pressure in each ebulliometer is
therefore the same. The boiling point difference between the pure solvent and dilute mixtures
may then be measured. It is imperative in the method that the liquid concentration be accurately
known as discussed by Raal and Muhlbauer (1998) and Raal (2000). Values for infinite dilution
activity coefficient may then be calculated from the measured T-x; data. Infinite dilution activity
coefficients of the solvent may be found by repeating the procedure with dilute mixtures of

solvent in solute.

The differential ebulliometry method is suitable for systems of low relative volatility. It is,
however, problematic for systems containing viscous or nearly non-volatile components.

Systems with limited mutual solubility are also unsuitable for measurement by this method.

Advantage:

e Does not require the assumption of a G* model or composition analysis.

Disadvantage:

e Best suited for systems of low relative volatility.

4.3 Differential static method

Alessi et al (1986) made use of a Gibbs and Van Ness (1972) type static cell to measure
isothermal P-x; data. The equation of Gautreaux and Coates (1955) may then be used to
calculate values for the infinite dilution activity coefficient. The cell containing the degassed
solvent is allowed to reach equilibrium. A small, precise quantity of degassed solute is then
introduced and the pressure difference at equilibrium is noted. According to Raal and
Muhlbauer (1998) the accuracy is limited to the accuracy of the quantity of solute introduced.

The accuracy is also dramatically affected by the thoroughness of degassing.

Advantage:

e Suitable for measurement of systems with large volatility or partial miscibility.
Disadvantage:

e Requires high purity, degassed solvents and is time-consuming.

e Vapour hold-up must be accounted for (Raal and Ramjugernath, 2001).
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4.4 Gas liquid chromatography (GLC)

Measurement of the infinite dilution activity coefficient by gas chromatography is best suited to
systems of volatile solutes in low volatility solvents. The principle of gas chromatography is
explained by Letcher (1978). Briefly, the process involves the distribution of the solvent
between two phases, viz., a mobile phase and a solvent stationery phase. In the case of GLC the
liquid stationery phase is coated onto an inert solid support and packed into a column. The
mobile phase is an inert gas that flows through the bed of support and solvent. A small quantity
of solute is injected into the inlet of the column and is carried through by the mobile phase. A

detector is placed at the other end of the column where the eluted solute is observed.

During solute elution a proportion of the solute remains in the mobile phase and part of it
dissolves in the stationery phase such that the two phases are in equilibrium. As the equilibrium
zone moves further along the column, solute from the mobile phase on the leading edge
dissolves into the stationery phase. At the same time, solute from the lagging edge desorbs into
the mobile phase and equilibrium is set up again. The rate of solute elution is dependent on the
conditions of the experiment (such as mobile phase flow rate) and also properties of the solute
and solvent. The infinite dilution activity coefficient may be determined from measurement of
the retention time of a solute during a GLC experiment and through use of a plate theory that
assumes the column is divided into many theoretical plates. A detailed discussion may be found

in Moollan (1995) and Letcher (1978).

Advantages:
* Rapid method that allows one to study many solutes at once. All that is required is that
the peaks separate during elution.
e Sample purity is not critical as the pure solute may be separated during elution.

e It is the preferred method for reactive systems as retention times are generally small.

Disadvantage:
e Solvents are required to be of low volatility.
e For a binary system, only the infinite dilution activity coefficient of the solute in the

solvent can be found.
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CHAPTER 5

INFINITE DILUTION ACTIVITY COEFFICIENTS FROM THE
INERT GAS STRIPPING TECHNIQUE - THEORY

The dilute region is typically the area of most interest in a purification process. Often the most
amount of effort is expended in purifying a chemical from 95% to 99+%. It is, therefore,
essential that the behaviour of the chemicals in the dilute region be understood. Besides the
traditional requirement of data in the dilute region for purification, Alessi et al. (1991) gives the

following applications:

e Application to environmental problems. E.g. the abatement of pollution from absorption
towers.

e Application to the production of polymers. Devolatisation is represented by the removal
of the last molecule of monomer or solvents from the polymer.

e Application to the manufacture of products for human consumption (packaging of food

and pharmaceuticals).

The system usually displays its greatest departure from ideal behaviour in the infinitely dilute
concentration range. Raal and Miihlbauer (1998) state that the infinite dilution activity
coefficients are the most accurate characterisation of system behaviour in the dilute region.

These limiting activity coefficients have important practical and theoretical uses:

e Screening for potential azeotropes (Palmer, 1987).

e Screening of liquid extraction solvents (Palmer, 1987).

e Screening of extractive distillation solvents (Perry and Green, 1998).

e Provides theoreticians with information about solute-solvent interactions in the absence
of solute-solute interactions (Howell et al., 1989).

e Prediction of binary data, which in turn are used to predict multi-component VLE data
(Howell et al., 1989).

e Prediction of retention times and selectivity in chromatographic columns (Howell et al.,

1989).
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Methods to predict the value of the infinite dilution activity coefficient are available in
literature. These methods employ group contribution techniques (e.g. UNIFAC model) or
extensions of regular solution theory (e.g. MOSCED). The reader is referred to the publication

of Howell et al. (1989) as these methods will not be reviewed in this study.

Leroi et al. (1977) described how the infinite dilution activity coefficient may be determined
from the inert gas stripping method described in Chapter 4. The following assumptions are

made:

* The solubility of the inert gas in the liquid is negligible.

* The vapour phase is ideal.

These are satisfactory approximations for low pressure computations. The modified Raoult’s

law is applicable and Eq. 3-79 can be written in terms of the solute:

x.\‘ol,}/.\c':[ P.v:;{[lr = y.\'lﬁ[ P (5_1)
For the solvent where x; — 1:
P = ygP (5-2)
> D,
Vi
Ysob, ¥s
P N~
Xsol, XS
D -

Fig. 5-1: The flow of inert gas through the dilutor cell
Fig. 5-1 shows the pure inert gas entering the dilutor cell, which contains a dilute solution of

solute in solvent at constant temperature and total pressure. The volumetric flow D, is different

from the inlet flow (D) as the exit stream contains the entrained organics.
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The following material balance:

Accumulation = Input — Output

1s applied to the solute

dn _ PD,

dr RT
For solvent

dN B PD,

a5 RT

D; may be obtained from the overall material balance:

D,=D

RT[¢¢ mv]
5 -— +
P

di - dr

Combining Eq. 5-1 with 5-3 and Eq. 5-2 with 5-4:

dn o D
——x m P,Iw, 2
d[ .\ol’}/.\ul sol RT
ANy D,

dt RT

By substituting Eqs. 5-6 and 5-7 into Eq. 5-5, D, can now be found from:

D

yal yal
Pur _Fs”

oo sol
1 - ‘x.m[ ’}/.\'ul P P

D, =

The mole fraction of the solute (x,,) in the liquid can be expressed in one of two ways:
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e Leroi et al. (1977) used the following approximation when calculating x,,, as the

amount of solute in the liquid is small:

n n
'xvol = = (5_9)
' n+N N
e Duhem and Vidal (1978) used a more appropriate expression:
n
x-‘"(’[ = V P.vul saf (5-10)
N 1+_ sol Y.vol
RT N

Equations can be formulated to calculate infinite dilution activity coefficients based on either

the approximation 5-9 or Eq. 5-10. Each formulation will be discussed briefly.

5.1 Formulation from the assumptions of Leroi et al. (1977)

The following are the basic differential equations obtained if the approximation shown in Eq. 5-

9 1s assumed to be valid:

dn n P D

oo sol
n__n - F E— (5-11)
d[ NY,W[ RT n . P‘:[” _ P;ul
N Y,vol P P
w_ b o1
i RT _n . Py P"
N Y,v:)l P P

sal

Leroi et al. (1977) further assumed that the term %}/IZ, }’;’ can be neglected. The following

two cases are considered:

e The solvent is non-volatile.
Leroi et al. (1977) considers a solvent having vapour pressure less than ImmHg to be

non-volatile. If this assumption is valid, NV is constant and the differential Eq. 5-11 can

be solved.
e The solvent is volatile.

N is not constant for a volatile solvent and Egs. 5-11 and 5-12 must be solved together.
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5.1.1 Non-volatile solvent

The solution of Eq. 5-11 is:

mlo_ PPl -, (5-13
no - RT N }/.vril - )

If the gas chromatograph detector response is linear (i.e. the number of moles is directly

proportional to the peak area) eq. 5-13 becomes:

A D P
R L -1
0

The infinite dilution activity coefficient can be found from the measurement of the peak area as

a function of time if the assumptions used to derive 5-14 are valid.
5.1.2 Volatile solvent

Solving the set of differential equations 5-11 and 5-12 yields the following expression valid for

a volatile solvent;

o« P.\‘Ul P DP.\'(I’
]ni: 7.\-01 \-01 1 lml1= - Sy (5-15)
A, P P—-P* N,RT

5.2 Formulation using the Duhem and Vidal (1978) correction

Equations for calculating the infinite dilution activity coefficient for volatile and non-volatile

solvents can be derived using the expression for x,, shown in Eq. 5-10 and assuming that

P..\'(lr ]
%}/L ! can not be neglected. Duhem and Vidal (1978) state that the assumptions made by

Leroi et al. (1977) are especially not valid if the infinite dilution activity coefficient is large.

5.2.1 Non-volatile solvent

Duhem and Vidal (1978) consider the case of a non-volatile solvent and obtain the following

expression by integrating Eq. 5-11.
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D P -
Ao _ P Tt (19
Sul o, n Y \-};
0 RTN 1+_i sol Y_m[ — — Y-‘ [Pv {
RT N N 1+ &7_ le)l stl
RT N
Where
;l, _ n—ng,
In 2t
Ry

The formulation introduces Vi (the volume of the vapour space) into the equations. Bao et al.

(1993) obtain V; from:

m
_ N
VG —Ve[[ -

i s
The authors showed improved results using Eq. 5-16 rather than Eq. 5-14, especially for

systems having large infinite dilution activity coefficients such as the benzene + water system.

Duhem and Vidal (1978) refer to the following term in Eq. 5-17 as a “corrective term’:

n

1= ;
Nl 1+ _V_G P\\”t; Y.m/
RT N

The term requires that the quantity of solute in the test mixture be known. Duhem and Vidal

(1978) show that neglecting the corrective term yields satisfactory results.

5.2.2 Volatile solvent

Bao and Han (1995) present the solution of the differential Equations 5-11 and 5-12 if Eq. 5-10

is used to calculate x,, (as advocated by Duhem and Vidal, 1978).

89



Chapter 5

A 1 °“ P.A'(ll sl
In— = L Vo m-;"’ —1{In| 1= Fs PD t (5-17)
AO 1 + /}/\\'()/ P\nl VG PS P - PS NORT
N,RT

It should be noted that the corrective term is neglected in Eq. 5-17 (see Section 5.2.1).

Egs. 5-14, 5-15, 5-16 or 5-17 may be used to calculate values for the infinite dilution activity
coefficient when applied appropriately (i.e. the assumptions are valid). It is required that the
initial amount of solvent be known, the solute peak areas are then recorded as a function of
time. Since the equations are written in terms of area ratios, detector calibration is unnecessary
if the detector response is linear. All the other required parameters are readily available (such as

pure component vapour pressure) or measurable (such as inert gas flow rate.).

Bao and Han (1995) show the formulation of the equations for the double cell technique (DCT).
The method is discussed in the experimental review section. The gas introduced into the dilutor
cell is first saturated with the solvent and this must be accounted for in the derivation. The
method is preferred for systems containing volatile solvents. As the technique was not part of
this study the reader is referred to Bao and Han (1995) and Dolezal et al. (1981) for further
detail. Dolezal and Holub (1985) consider the case where the vapour phase may not be
considered to be ideal. The systems considered in this study, however, were not highly non-
ideal at the experimental conditions, as may be seen from the results of the vapour-liquid
equilibria study. The reader is once again referred to the latter publication for details of how the

vapour phase non-ideality may be accounted for.
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CHAPTER 6

VAPOUR-LIQUID EQUILIBRIUM - APPARATUS AND
EXPERIMENTAL PROCEDURE

The vapour and liquid recirculating still of Raal and Miihlbauer (1998) for low-pressure VLE
measurements was used in this project. The features of the still and a description can be found

in Chapter 2. The following will be discussed in this chapter:

e Pressure control.
The measurements were made at sub-atmospheric pressures. The method for
maintaining the reduced pressure in the still will be discussed.

e Calibration of the pressure transducer.

e Calibration of the temperature sensor.

e Calibration of the gas-chromatograph (GC) detector response.
Phase compositions were measured using a GC. It is necessary to calibrate the response
of the GC detector.

¢ Experimental procedure for the measurement of isobaric and i1sothermal VLE.
6.1 Description of the experimental apparatus

A flow diagram of the experimental apparatus is shown in Figure 6-1. The condenser of the
glass VLE still is connected to a ballast flask. The ballast flask serves to reduce pressure
fluctuations and to trap condensable chemicals should the condenser fail. A KNF vacuum
pump-controller unit is used to evacuate the still and to maintain a constant pressure. The
vacuum pump draws incondensable gases from the VLE still until the measured pressure
reaches the controller set-point. Once the set-point pressure has been achieved the controller
shuts off the vacuum pump. It is nearly impossible to make the VLE still perfectly leak-tight
and small leaks in the apparatus will cause the pressure to rise. The pump starts up again when
the measured pressure exceeds the set-point. A needle valve installed between the vacuum
pump and the VLE still is used to throttle the flow through the pump to ensure that pressure
fluctuations are minimised. The system pressure is maintained constant to +0.05kPa. The
reading from the pressure transducer must be calibrated. The calibration procedure is explained

in Section 6.3. It is required to vent the still in the course of some experiments to raise the
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pressure (the reasons are given in Sections 6.6 and 6.7). To ensure that no moisture is brought

into the still, air is introduced through a bed of desiccating crystal when the vent valve is

opened.

Ballast
E% Needle
><Valve

Vent

_ ®
VLE Still
Vacuum »
Pump | Pyet-point

Figure 6-1: Block diagram of the dynamic VLE apparatus for low-pressure measurements

P, Pressure transducer; Pc Pressure controller

6.2 Cleaning the still

VLE measurements are made with high purity chemicals. It is, therefore essential that the still
be thoroughly cleaned. The still was run with acetone at atmospheric pressure (to allow
maximum operating temperature for the chemical) for twenty minutes. The acetone wash was
repeated until a gas chromatography trace of the fluid drained out of the still showed no
significant peaks other than acetone. To avoid acetone contamination the still was then dried by
setting the pressure in the still to its minimum value and allowing the residual acetone to be

flashed off. No traces of acetone were noted in the GC analysis of subsequent samples.

6.3 Pressure calibration

A KNF vacuum pump-controller unit (type NC800) is used for pressure control. The pressure
display on the controller was calibrated with a mercury manometer and a Vaisala electronic
barometer (model PTB100A). It should be noted that the barometer is NIST (National Institute
of Standards and Technology) traceable. The controller was allowed to control about various
set-points and the transducer response to the actual pressure was noted. The relationship was
found to be linear and is shown in Figure 6-2. The accuracy of the pressure calibration is readily
confirmed by repeating the procedure and was done periodically. Pressure measurement is

estimated to be accurate to =0.05 kPa.
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Figure 6-2: Plot to show the linear relationship of actual pressure with pressure displayed

on KNF pressure controller used in the VLE apparatus

6.4 Temperature calibration

The resistance of the Pt-100 sensor in the equilibrium chamber of the VLE still is displayed by a

Eurotherm temperature display unit. The sensor was calibrated in situ by running the still

isobarically with a highly pure chemical and noting the actual boiling temperature of the

chemical as predicted by the vapour pressure correlation available in Reid et al [1988]. The

linear relationship is shown in Figure 6-3. 99.9% n-hexane was used in this study. The accuracy

of the temperature measurement is estimated to be +0.02°C.

Actual Temperature /[OC]

37.00

72.00

67.00 1

62.00
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Tacwal = 0.9991Tdispiay -0.2877

A4

37.00

42.00

47.00

52.00 57.00 62.00 67.00 72.00

Temperature Display

Figure 6-3: Plot to show the linear relationship of actual temperature of Pt-100 sensor

(placed in the packing of the equilibrium chamber) with Eurotherm display
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6.5 Gas Chromatograph Detector Calibration

Two gas chromatographs were used to analyse samples drawn from the VLE still due to
availability. The specification and operating conditions of the GC’s are given in Table 6-1. The
detector calibration procedure suggested by Raal and Miihlbauer [1998] was used in the study.

The procedure is briefly described in the following steps:

1. Samples of each binary system are gravimetrically prepared such that the mole fraction
ratios x; /x; and x, /x; range from approximately 0.1 to 1.2.

2. The muxtures are analysed by gas chromatography until the results can be shown to be
reproducible and the peak areas of each chemical (A, and A;) are noted.

3. Plots of A; /A, versus x, /x, and A, /A, versus x; /x; are prepared. Examples for the test
system (cyclohexane with ethanol) are shown in Figure 6-4 and 6-5.

4. If the detector response is linear, the method requires the reduction of both data sets to
straight lines passing through the origin. Furthermore, the reciprocal of the gradient of
the graph shown in Figure 6-4 should be approximately equal to the gradient of the

graph in Figure 6-5.

All the binary mixtures measured responded linearly and the gradients of A, /A, versus x, /x;
were shown to be sufficiently close in value to the reciprocal of the gradient of A, /A; versus x;,
/x; and can be found in Appendix C. The accuracy of the composition measurement is estimated

to be =0.001 mole fraction.

0.25

0.20

0.15 |

A /A2

0.10 A

0.05
Slope=0.2299 = 1 /4.3497

0.00 - . -
0.00 0.20 0.40 0.60 0.80 1.00

xi/x

Figure 6-4: Calibration of GC detector response for cyclohexane(1) with ethanol(2)
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Figure 6-5: Calibration of GC detector response for cyclohexane(1) with ethanol(2)

Table 6-1: Specification and operating conditions of the gas chromatographs used to

analyse samples from the VLE experiments

GC Column Detector Operating Conditions
Shimadzu GC-17A Capillary column FID Acetone Col 35°C
J&W Scientific GS-Q With Det 200 °C
Diacetyl Inj 200 °C
ColP 20 kPa
Shimadzu GC-17A Capillary column FID Methanol Col 35°C
J&W Scientific GS-Q With Det 200 °C
Diacetyl Inj 200 °C
ColP 20 kPa
Shimadzu GC-17A Capillary column FID Diacetyl Col 40 °C
J&W Scientitic GS-Q with Det 200 °C
2,3-Pentanedione Inj 200 °C
ColP  25kPa
Chrompack 9000 Capillary column TCD Acetone Col 220°C
J&W Scientific GS-Q with Det 150°C

2,3-Pentanedione Inj 100 °C

Col — Column temperature; Det — Detector temperature; Inj — Injector temperature; Col P —
Column pressure
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6.6 Procedure for the measurement of isobaric VLE

The pressure in the still is maintained sub-atmospheric by means of a vacuum pump as

explained in Section 6.1. The suction point is at the top of the condenser and the condenser

coolant temperature is sufficiently low (approximately -5 °C) to ensure that no volatiles are lost.

A KNF vacuum pump /controller unit accepts a set-point and the pressure in the still is

controlled about this value. Calibration of the controller display is discussed in section 6.3. The

procedure is as follows (and is summarised in Figure 6-6).

The still is charged with a pure sample of one of the components of the binary system.
The desired pressure set-point is entered into the controller and the still and its contents
are brought to this pressure. Coolant is allowed to flow through the jacket of the
condenser and the magnetic stirrers in the reboiler and vapour sample point are
switched on.

The heater external to the reboiler is switched on to compensate for heat losses to the
environment and to bring the still contents to a boil.

The power input to the internal heater in the reboiler is then varied until the “plateau
region” is found. This is the region where the temperature remains constant despite a
slight increase or decrease in power input. The plateau region is discussed in detail in
Kneisl et al [1989] and briefly in Chapter 2.

Samples are drawn periodically from the liquid and vapour sample points using a 1ul
GC syringe. The samples are analysed using a gas chromatograph (see Table 6-1) which
is situated in the immediate proximity of the still. The volumes removed are small
enough to have no significant effect on the still’s operation.

The still contents are allowed to circulate for 30 minutes to an hour to equilibrate
(depending on the chemicals studied). The condensate drop-rate should be sufficiently
large to allow good circulation of the volatile components. At this time the temperature
should be constant (+0.02K) and the liquid-levels in the liquid and vapour return legs
should not be experiencing large fluctuations. Successive samples of the equilibrium
vapour and liquid should yield constant values. These values of temperature and
composition are taken to be the values at equilibrium for the set-point pressure.

A small amount of liquid is drawn from the still and replaced with a pure sample of the
second component without disrupting the operation of the still. Steps 4 onwards are
repeated until half of the phase diagram is generated.

The still is then cleaned and dried (as described in Section 6.2) and steps 1 to 6 are

repeated, this time starting with a pure sample of the second component and adding
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small quantities of component one to measure successive points. The points starting

from opposite ends of the phase diagram should meet without any discontinuity.

Fill the still Set the
Clean the Dry the R with system
still still component 1 pressure

Y

Find plateau region
by adjusting heater
setting

Y

Remove vapour and liquid
samples after #30 minutes
(for binary mixtures only)
and note the temperature

A 4

Introduce a small quantity
of component 2 to measure
the next point

Figure 6-6: Flow diagram to show the procedure used to measure isobaric VLE using a

low-pressure vapour and liquid recirculating still

6.7 Procedure for the measurement of isothermal VLE

The ebulliometric total-pressure method introduced by Rogalski and Malanowski (1980) allows
one to make isothermal measurements using a recirculating still. The procedure is a slight
modification of that used for the isobaric measurements, in that the pressure is adjusted to

maintain a constant temperature. If isothermal data at temperature 7; are required:

e The composition of the still contents is once again varied.

e The plateau region for various pressure set-points are found until 7; is achieved for each

composition.

o Steps 5 to 8 from the isobaric procedure are then followed (Section 6.6).
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It 1s recommended that the isobaric measurements be made first as the sensitivity and range of
the power input and temperature response may be gauged more easily. The temperature control
1s estimated to be better than 0.1°C. Joseph et al. (2001) measured isothermal VLE of excellent
quality by a similar procedure, the manipulation of the system pressure was, however, computer

controlled. The procedure used in this study is summarised in Figure 6-7.

Fill the still
Clean the Dry the R with
still " still g component 1
) 4
Set the
> system <
pressure
A
Change the Find plateau region by
pressure set-point adjusting heater setting
(trial and error)

y

Y

Equilibrium temperature
No = required experiment
temperature?

Yes

A 4

Remove vapour and liquid
samples (for binary
mixtures only) and note
the system pressure

A

Introduce a small quantity
of component 2 to measure
the next point

Figure 6-7: Flow diagram to show the procedure used to measure isothermal VLE using a

low-pressure vapour and liquid recirculating still
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CHAPTER 7

INERT GAS STRIPPING TECHNIQUE - APPARATUS AND
EXPERIMENTAL PROCEDURE

In order to ensure that the gas phase exiting the dilutor flask is in equilibrium with the liquid
mixture, it is necessary to understand how solute is transferred into the gas bubbles. These mass
transfer considerations are discussed in Appendix D and enable one to calculate the appropriate
height of the dilutor flask. A number of factors (other than the height) affect the performance of
the dilutor flask (the type of dispersion device, for example). The design considerations, the
experimental apparatus and the experimental procedure used in this study will be described in

this chapter.

7.1 Design of the gas stripping cell

After careful consideration of the literature available on inert gas stripping (described in Chapter
4), the apparatus as described by Leroi et al. (1977) was set up by a previous student (Jourdain,
2000). Jourdain reports results within the range of literature values for the system acetone
(solute) in n-heptane (solvent). The experimental apparatus used in this study is for the most
part the same. The modifications made were undertaken taking into consideration the systems of

interest in this study and the difficulties experienced previously (discussed shortly).

The calculation procedure of Richon et al. (1980) discussed in Appendix D can be used to
calculate the bubble rise height required for the gas phase to be in equilibrium with the liquid in
the cell. Both the mass transfer of solute to the bubble as well as diffusion of solute into the
bubble was considered. A typical plot of the approach to equilibrium as a function of bubble rise
height is shown in Figure 7-1 for the system acetone (solute) in 2,3-pentanedione (solvent)
under typical experimental conditions. The results of Figure 7-1 were obtained from Eq. D-8
assuming that diffusion of solute into the bubble was fast. The assumption can be tested using

Eq. D-17 (Figure 7-2 shows a typical example).
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Figure 7-1: Mass transfer rate of solute (acetone) to the gas bubble for the system
acetone+2,3-pentanedione (7 is the ratio of the mass of solute transferred from the liquid

to the film)
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Figure 7-2: Diffusion rate of solute (acetone) in the gas (N;) bubble for the system
acetone+2,3-pentanedione (7; is the ratio of the mass of solute in the bubble to the value at

equilibrium)
The calculation procedure of Richon et al. (1980) can also be used to judge the sensitivity of the
approach to equilibrium on certain experimental conditions. These are presented shortly.
Besides choosing the cell height that gives at least the required bubble rise height, the effect of a

number of other options must be considered:

e Double or single cell technique
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e Type of gas dispersion device
e Stripping gas flow rate

e Liquid viscosity

e Bubble size

e The infinite dilution activity coefficient
7.1.1 Double or single cell technique

As described in Chapter 4 the double cell technique (DCT) was introduced by Dolezal et al.
(1981). Whereas the conventional single cell technique (SCT) introduces pure stripping gas, the
DCT introduces the stripping gas after its been saturated with solvent. The technique is
preferred for systems containing highly volatile solvents or for multi-component systems. Bao
and Han (1995) propose a scheme to suggest when the DCT or SCT is most appropriate (see
Figure 4-5). The solvents of interest in this study (2,3-pentanedione and diacetyl) can not be
classified as highly volatile, therefore the SCT technique was used. Acetone (solute) in
methanol (solvent) was chosen to test the method as the SCT was seen as the appropriate

technique to study the latter system by Bao and Han (1995).
7.1.2 Type of gas dispersion device

The effectiveness of the dispersion device has a great influence on the accuracy of the results. It
is important that the bubble size be minimal in order to achieve good mass transfer and to
ensure conditions for the experiment are met. A more detailed discussion of bubble size follows
shortly. Further, it is undesirable for the bubbles to be allowed to coalesce. Leroi et al. (1977)
introduced the gas through a sintered glass disk. Richon et al. (1980), on the other hand,

advocate the use of capillaries as sintered disks can not be made perfectly.

Jourdain (2000) used a sintered disk, in light of a more recent experiment by Li et al. (1993),
who report that the smallest bubble sizes were obtained using a sintered disk. Some coalescence
was, however, reported by Jourdain and observed by the author of this work. Jourdain suggests
that the magnetic stirrer is responsible for the coalescence and recommends modifications that

avold bubbles being introduced into the vortex created by the stirring.
It was decided that the dilutor flask used in this study make use of evenly spaced capillaries as

. . . 1 . . R
the dispersion device. Ten lengths of /3, in. narrow bore stainless-steel tubing were used to

introduce the gas. This was found to be a much more satisfactory method. The bubble size was
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improved (smaller diameter) and coalescence was avoided as the bubbles were not directed into

the vortex.
7.1.3 Stripping gas flow rate

It is important that sufficient contact time be allowed for the bubbles with the liquid. Among
other factors, the gas flow rate plays a large role in determining the contact time. Leroi et al.
(1977) used a gas flow rate in the range of 50~150ml /min. Recent studies have, however, used
much lower flow rates. Li et al. (1993) investigated the effect of the flow rate on the results
obtained. Experiments were conducted using various flow rates until a constant value for the
infinite dilution activity coefficient was found. For the system benzene (solute) in water
(solvent) the maximum flow rate was 17 ml /min. The value of the ideal flow rate will be
system dependent, but the experiments indicate that a low gas stripping flow rate is most
appropfiate. The inert gas flow rates used in this study were found by reducing the gas flow

until constant values for the infinite dilution activity coefficient were obtained.
7.1.4 Liquid viscosity

Richon et al. (1980) describe a procedure for calculating the bubble rise height by considering
the transfer of solute to the mass transfer film and into the bubble. The procedure is discussed in
Appendix D. Richon found that the influence of viscosity is two-fold. The mass transfer is
compromised when the viscosity 1s high. This is however, compensated for by the bubble rise
velocity increasing and the contact time is therefore increased. In fact, Richon also reports that
even systems with viscosities as high as 40 cP reach equilibrium after passing through [ cm of

solution.

Solutions having a viscosity greater than 50 cP have been found to be problematic. The main
concerns are that the stirring is ineffective and that the liquids tend to foam. Richon et al. (1985)
propose a design to address these problems, a brief description of the cell and its applicability is

given in the experimental review section.

Performing the calculation using a computer program allows for the code to be generic and
therefore applicable to a range of systems. The calculations were performed for all the
combinations of chemicals used in this study. The approach to equilibrium was not found to be
greatly influenced by viscosity. The latter was therefore not regarded as a limiting factor in this

study and the conventional design was deemed adequate.
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7.1.5 Bubble size

As mentioned before it is essential that bubble sizes be minimised in order to ensure good mass
transfer. Figures 7-3 and 7-4 were obtained from the calculation procedure of Richon et al.
(1980) as applied to the system acetone (solute) in 2,3-pentanedione (solvent). The calculations
were performed for all the binary systems but the latter binary was chosen as a typical case to

serve as an example. Bubble sizes between 2mm and 3mm (diameter) were considered.

1 ~
/’ ,’"
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2 0.6 : ///
0.4 )/ bubble size =2.0mm
W /e bubble size = 2.5mm
0.2 // ~ — — — bubble size = 3.0mm
/
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Bubble rise height /[cm]

Figure 7-3: The effect of bubble size on the mass transfer rate of solute to the gas bubble

for the system acetone+2,3-pentanedione
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Figure 7-4: The effect of bubble size on the diffusion rate of solute in the gas bubble for

the system acetone+2,3-pentanedione
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Figure 7-3 shows the effect of bubble size on the rate of mass transfer of solute and Figure 7-4
the influence on the rate of diffusion of solute into the bubble. Although the approach to
equilibrium occurs after a fairly short bubble rise height for even 3mm bubbles, both graphs
highlight that the approach favours small bubbles. The assumption that diffusion of solute into
the bubble is fast is also only valid for small bubble sizes. The bubble size considered when

choosing a dispersion device was a diameter of no more than 2.5mm.

7.1.6 The infinite dilution activity coefficient

The design of the cell depends on the value of the infinite dilution activity coefficient. The
effect of a large infinite dilution activity coefficient on the rate of solute mass transfer can be
seen to be significant in Figure 7-5. The infinite dilution activity coefficient has no effect on
solute diffusion (Figure 7-6). It was found that the systems measured in this study did not
deviate very much from ideal behaviour. This was taken into consideration in specifying the cell
height. The applicability of the cell used in this study is limited by the value of the infinite
dilution activity coefficient. Systems such as non-electrolytes in water (discussed by Li et al.,
1993) have values of the infinite dilution activity coefficient that are of the order of several
thousands and require that the cell height be revised to ensure adequate approach to equilibrium.

This is however out of the scope of this study.
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-
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Figure 7-5: The effect of the infinite dilution activity coefficient on the mass transfer rate

of solute to the gas bubble for the system acetone+2,3-pentanedione
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Figure 7-6: The effect of the infinite dilution activity coefficient on the diffusion rate of

_solute in the gas bubble for the system acetone+2,3-pentanedione

The effects of other parameters were considered, such as the experiment temperature and
pressure. The dependence of the infinite dilution activity coefficient on temperature is a separate
issue. This section is concerned with the effect of these variables on the approach to
equilibrium. Temperatures as high as 50°C were found to have no significant effect. The effect
of pressure is generally a non-issue as the cell is essentially open to the atmosphere. Regardless,

the sensitivity to cell pressure was also found to be very small.

For all the systems considered in this study, the bubble rise height required for equilibrium was
less then 2cm even for large bubble sizes. The height of the dilutor flask was specified such that
the bubble rise was approximately 8cm. A description of the cell and its dimensions are given in

the experimental procedure section.

7.2 The inert gas stripping apparatus

The experimental apparatus used in this project was similar to that of Leroi et al. (1977), except
that the dilutor cell uses capillaries to disperse the gas as proposed by Richon et al. (1980). The
apparatus was originally set up by a previous student (Jourdain, 2000) and modified by the
author of this work. The original apparatus used a fritted glass disk to disperse the gas. This was
changed in favour of capillaries for reasons given in Appendix B and a new dilutor flask was

designed.
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Figure 7-7: Flow diagram of apparatus used to measure infinite dilution activity

coefficients by the inert gas stripping method

A flow diagram of the apparatus is shown in Figure 7-7. The inert gas (nitrogen) flows through
a coil immersed in a constant temperature bath to bring the gas to the experimental temperature.
The heat exchanger is a coil made from 10 m of '/g in. stainless-steel tubing. It is immersed in a
thermostatted bath. The gas then enters the dilutor flask (Figure 7-8) through 10 lengths of pre-
cut '/3, in. stainless tubing (0.005 in. inside diameter). The contents of the flask are stirred by
means of a Teflon coated magnetic stirrer-bar. The cell is maintained at the experiment
temperature by circulating water through a jacket surrounding the cell. The temperature of the
circulating water is controlled with a Julabo water bath controller to within 0.3°C. Temperature
is measured with a Class A Pt-100 and the cell pressure measured with a Sensotec TJE pressure
transducer Model TJE /713-01-05 (0-25 psia range). A Sensotec (Model GM) display unit was
used to read the pressure. The accuracy of the temperature and pressure measurements are
estimated to be +0.03°C and +0.05 kPa (respectively). The appropriate bubble rise height was
calculated as discussed in Appendix B and the cell height was specified accordingly. The
stripping gas with entrained solute then flows to a Valco 6-port gas sampling valve through a

heated line to prevent condensation. The gas sampling valve has two positions:

e Fill
The gas is allowed to fill a sample loop and is then vented to the atmosphere. Prior to

being vented the condensable components of the gas flow are removed in a cold trap.

e Inject
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The sample in the loop is injected into a Varian (model 3300) gas chromatograph (GC)

fitted with a flame ionisation detector (FID) for analysis periodically.

The cold trap contains a mixture of acetone and ice. The gas is brought back to ambient
temperature in a heat exchanger (a coil of 20 m of g in. copper tubing) in a constant
temperature bath before being vented. The flow rate of inert gas (free of the entrained
components) is then measured (with a soap film flowmeter) and controlled using a needle valve.

The flow control is estimated to be with 0.08 ml /mun.

A capillary column (007-FFAP on fused silica) was used in the Varian 3300 GC. The following

operating conditions were found to give good separation for all the chemicals:

Column temperature ~ 30°C
Detector temperature ~ 150°C

Injector temperature  150°C

Figure 7-8: Dilutor cell used to measure infinite dilution activity coefficients by the inert
gas stripping technique A - Liquid sample point; B - Teflon plug; C - O-rings; D -
Capillaries for gas dispersion; E - Pressure transducer; F - Gas outlet; G - Relief-valve;

H - Water jacket; I - Magnetic stirrer bar; J - Gas inlet

The new dilutor cell is shown in Figure 7-8. The height of the cell was specified once mass
transfer of the solute into the gas was considered (see Appendix A and B). Thus the appropriate
path length is achieved for bubbles rising through the liquid so that equilibrium is achieved

between the gas and liquid phases. Appendix B shows that equilibrium in the cell is achieved
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after a rise height of less than 3cm for bubble sizes of less than 2.5mm. A cell height of 10 cm
was chosen as this provides a more than appropriate bubble rise height after considering the

clearance of the capillaries and the liquid-level.

Provision is made for a liquid sample to be taken through a septum (A). As it was not necessary
to sample the liquid in this study, a thermowell was fitted into the sample point so that the
temperature could be measured. A Teflon plug (B) fits onto the top of the cell and a seal is made
by means of two o-rings (C). Two threaded holes were bored into the plug. The hole in the
centre is used for a length of Y in. stainless tubing (J), which contains the dispersion capillaries

(D). The second hole is for the gas outlet.

The Sensotec pressure transducer (E) is installed on the gas outlet line (F). The transducer was
calibrated using a similar procedure to that explained in Chapter 6 except that the cell was
pressurised with nitrogen rather than evacuated with a pump. The response was found to be
linear and is shown in Figure 7-9. Due to the glass cell being slightly pressurised a relief-valve
(G) is installed for safety reasons (shown in Figure 7-8). The cell is contained in a water jacket

(H) to ensure that the dilutor operates isothermally.

118.00
116.00 +
114.00 A
112.00 J

110.00 +

108.00 -

Actual Pressure /[kPa]

P /[kPa] =0.9655P +4.1906

readg

106.00

104.00 r T T T T .
104.00  106.00 108.00 110.00 112.00 11400 116.00 118.00

Pressure display

Figure 7-9: Plot to show the linear relationship of actual pressure with pressure displayed

on the Sensotec display used in the inert gas stripping apparatus

7.3 Experimental difficulties

The cell (shown in Figure 7-2) was constructed from glass by an expert glassblower, P.
Siegling. The plug, fitted onto the top of cell, is made from Teflon. Two threaded holes are

drilled into the plug for the gas inlet and outlet lines. The pressure transducer is fitted on the gas
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exit line, as is the relief valve. The seal between the plug and the cell is made with two o-rings.

The set of stainless-steel capillaries used to disperse the gas ensures small bubble sizes and no

coalescence of bubbles was observed. Coalescence was a problem experienced when using a

sintered glass disk to disperse the gas.

The following problems were experienced during the experiments:

Analysis of the gas.

It was noted that previous researchers made use of GC’s fitted with a flame ionisation
detector (FID). The exit gas in this study was, however, originally directed to a Hewlett
Packard gas chromatograph (Model 5890 Series II), fitted with a TCD, due to
availability. Large sample sizes were necessary when using the TCD(thermal
conductivity detector) and analysis was most unsatisfactory. The solution was to direct
the gas to a Varian 3300 GC fitted with a FID. The improved detector sensitivity
yielded better results.

Leaks in the Teflon plug.

It was required to remove the plug prior to each experiment to introduce the chemicals.
The considerable weight of the transducer and the stainless-steel tubing, as well as
removing the plug often, tended to damage the Teflon threads. The cell would leak as a
result. Sealing the leaks proved difficult due to the non-stick nature of Teflon. Filling
these leaks with Loctite and reducing the pressure in the cell to allow the leaks to seal
was an effective solution.

O-ring seals.

The o-ring seals were effective during the earlier experiments. It did, however, become

necessary to clamp the plug to the cell eventually.

7.4 Experimental procedure

8]

The thermostatted water baths containing the heat exchange coils were allowed to reach
their set-point temperatures.

The cold trap was filled with a mixture of acetone and ice and the transient lines
between the cell, the gas sampling valve and the GC were heated to ensure no partial
condensation.

The dilutor flask was filled with a known amount of solvent (gravimetrically).

A small quantity of solute was introduced into the cell such that the solute mole fraction
is less than 107 (reason given in Chapter 4). It was not required to know this mole

fraction exactly as discussed in Chapter 9.
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10.

11.

The Teflon plug is fitted onto the cell and water at the experiment temperature was
circulated through the jacket.

The magnetic stirrer was switched on and the inert gas was allowed to flow through the
cell. The flow rate of the gas was measured with a soap film flow-meter and controlled
with a needle valve. The flow rate was checked periodically during the experiment.

The gas sampling valve was set to the “fill” position and the stripping gas was allowed
to flow through the apparatus for 15 minutes.

The sampling valve was set to the “inject” position for approximately 1 minute, then set
back to “fill.”

Step 8 was repeated periodically and the time noted when each injection was made. The
time between injections depends on the GC run-times and on the chemicals being
studied. For relatively non-volatile solutes, the time between injections must be large to
allow for significant change in composition. The latter was not a problem in this study.
The experiment was stopped after sufficient measurements were made for the infinite
dilution activity coefficient to be calculated. The gas flow was ceased and the transient
lines were allowed to cool.

It is possible that the stripping gas flow rate is too large to allow the gas phase to reach
equilibrium with the liquid. The experiment was repeated to ensure that the values of
the infinite dilution activity coefficient obtained were not significantly different for

various values of the flow rate as suggested by Li et al. (1993).
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CHAPTER EIGHT

EXPERIMENTAL RESULTS

The VLE measurements made with the low-pressure recirculating still of Raal and Miihlbauer
(1998) are presented in this Chapter. Previously unmeasured vapour pressure data for 2,3-
pentanedione are presented, as are isobaric and isothermal data for cyclohexane with ethanol.
The purpose of measuring data for this system was to demonstrate the accuracy of the apparatus
and the experimental procedure. VLE data for previously unmeasured binary systems involving

diacetyl and 2,3-pentandione measured at multiple isotherms and an isobar are also presented.
8.1. Vapour pressure measurements for 2,3-pentanedione

The vapour pressure measurements for 2,3-pentanedione are new data. The recirculating still of
Raal and Miihlbauer (1998) was charged with a pure sample of 2,3-pentanedione and the boiling
temperature was measured for various pressure set-points. The design of the still is based on the
on a sophisticated ebulliometer (as discussed in Chapter 2). The still provided boiling
temperatures for the other test chemicals (ethanol, cyclohexane, methanol, diacetyl and acetone)

that compare very well with reliable literature data (refer to Table 9-1).

Table 8-1: Vapour Pressure Data for 2,3-Pentanedione

T/°C] P/ kPa]

58.69 15.37
65.23 20.36
70.58 25.35
74.98 30.35

79.00 35.34
82.59 40.33
85.70 45.32

88.74 50.21
91.54 55.21
93.94 60.20
96.29 65.19

98.46 70.18
100.65 75.27

The vapour pressure data for 2,3-pentanedione were correlated to the Antoine equation:
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In P [kPa]= A -

The constants in Eq. 8-1 are

A=13771

B

TI’Cl+C

B =2756.639 C=191.054

Pressure /[kPa)

74.00 A

64.00 -

54.00 A

44.00 A

34.00

24.00 A

14.00

® this work

Antoine equation

56.00

66.00

76.00

86.00

Temperature /[°C)

96.00

8.2 VLE measurements for cyclohexane with ethanol

Figure 8-1: Vapour Pressure of 2,3-Pentanedione

(8-1)

Isothermal measurements were made for the system at 40 °C. Isobaric data at 40 kPa were also

measured. The measurements are listed in Table 8-2 and are presented in Figures 8-2 to 8-5,

together with data sets measured by Joseph et al [2000] for comparison. The system displays an

azeotrope and much care must be taken to produce accurate VLE. The measurements made in

this study show excellent agreement with the literature set.

Table 8-2: VLE for cyclohexane(1) with ethanol(2) at 40 °C and 40 kPa

40°C 40 kPa
P /[kPa] yl xl T/[°C] yi x1
17.85 0.000 0.000 56.52 0.000 0.000
20.14 0.110 0.012 50.25 0.280 0.043
27.43 0.373 0.061 47.73 0.363 0.074
32.13 0.486 0.121 46.11 0.425 0.095
35.02 0.542 0.196 43.52 0518 0.173
36.32 0.576 0.276 42.28 0.568 0.264
37.12 0.597 0.387 41.89 0.581 0.326
37.52 0.620 0.652 41.70 0.593 0.378
37.32 0.633 0.789 41.60 0.619 0.480
36.82 0.651 0.893 41.64 0.619 0.762
37.12 0.638 0.836 41.97 0.641 0.878
36.92 0.646 0.879 42.55 0.666 0.928
36.22 0.666 0.922 44.08 0.716 0.973
24.70 1.000 1.000 52.54 1.000 1.000
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Figure 8-2: P-x-y diagram for cyclohexane(1) with ethanol(2) at 40 °C
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Figure 8-3: x-y diagram for cyclohexane(1) with ethanol(2) at 40 °C
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Figure 8-4: P-x-y diagram for cyclohexane(1) with ethanol(2) at 40 kPa
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Figure 8-5: x-y diagram for cyclohexane(1) with ethanol(2) at 40 kPa
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8.3 VLE Measurements for Acetone with Diacetyl

Isothermal measurements were made for the system at 30°C, 40°C and 50°C. Isobaric data at
40 kPa were also measured. All four sets are new data. The measurements are listed in Tables 8-
3 and 8-4 and are presented in Figures 8-6 to 8-13. As can be expected for mixtures of

chemically similar substances (ketones), the VLE displays nearly ideal behaviour.

Table 8-3: VLE for acetone(1) with diacetyl(2) at 30 °C and 40°C

30°C 40°C
P /[kPa] yl x1 P /[kPa] yl x1
8.62 0.000 0.000 14.33 0.000 0.000
9.36 0.074 0.018 15.25 0.071 0018
9.86 0.129 0.034 16.05 0.128 0.035
10.56 0.196 0.057 16.95 0.181 0.058
12.15 0.358 0.118 19.24 0.341 0.116
15.35 0.544 0.231 23.54 0.536 0.231
18.75 0.704 0.350 28.83 0.671 0.356
23.44 0.818 0518 35.42 0.804 0.513
30.43 0.930 0.756 45.41 0.923 0.749
33.82 0.967 0.868 50.60 0.963 0.867
35.22 0.979 0913 52.50 0.976 0.913
36.42 0.990 0.956 53.60 0.985 0.943
36.82 0.992 0.965 54.50 0.991 0.966
38.04 1.000 1.000 56.64 1.000 1.000

Table 8-4: VLE for acetone(1) with diacetyl(2) at 50°C and 40 kPa

50°C 40 kPa
P /[kPa] yl xl T/[°C] yl x1
22.71 0.000 0.000 63.52 0.000 0.000
23774 0.061 0.018 60.96 0.152 0.052
24.84 0.114 0.035 58.46 0.267 0.101
26.23 0.175 0.061 54.17 0.446 0.189
29.73 0.318 0.121 50.05 0.595 0.297
35.82 0.506 0.228 46.07 0.715 0413
43.01] 0.670 0.357 42.56 0.809 0.530
52.20 0.795 0.519 39.39 0.879 0.649
66.08 0914 0.754 36.58 0.930 0.768
73.17 0.959 0.868 3461 0.962 0.857
75.77 0.974 0912 33.03 0.983 0.931
77.76 0.985 0.943 32.55 0.989 0.956
79.06 0.991 0.967 3222 0.994 0.973
81.65 [.000 1.000 32.01 0.996 0.983

31.22 1.000 1.000
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Figure 8-6: P-x-y diagram for acetone(1) with diacetyl(2) at 30°C
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Figure 8-7: x-y diagram for acetone(1) with diacetyl(2) at 30°C
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Figure 8-8: P-x-y diagram for acetone(1) with diacetyl(2) at 40°C
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Figure 8-9: x-y diagram for acetone(1) with diacetyl(2) at 40°C
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Figure 8-10: P-x-y diagram for acetone(1) with diacetyl(2) at 50 °C
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Figure 8-11: x-y diagram for acetone(1) with diacetyl(2) at 50 °C
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Figure 8-12: T-x-y diagram for acetone(1) with diacetyl(2) at 40 kPa
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Figure 8-13: x-y diagram for acetone(1) with diacetyl(2) at 40 kPa
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8.4 VLE measurements for Methanol with Diacetyl

Isothermal measurements were made for the system at 40°C, 50°C and 60°C. Isobaric data at

40 kPa were also measured. All four sets are new data. The measurements are listed in Tables 8-

5 and 8-6 and are presented in Figures 8-14 to 8-21.

Table 8-5: VLE for methanol(1) with diacetyl(2) at 313.15K and 323.15K

40°C 50°C
P /[kPa] yl x1 P /[kPa] yl x1
14.33 0.000 0.000 22.77 0.000 0.000
17.15 0.205 0.072 26.93 0.209 0.070
18.95 0.323 0.125 30.13 0.325 0.119
21.54 0.447 0.198 34.02 0.445 0.191
24.04 0.577 0.301 38.32 0.550 0.282
26.33 0.653 0.395 42.11 0.644 0.400
28.83 0.724 0.532 46.01 0.722 0.533
31.03 0.791 0.666 4940 0.787 0.669
32.63 0.858 0.781 51.90 0.855 0.782
3432 0.940 0918 54.10 0.939 0914
34.72 0.968 0.957 54.40 0.964 0.956
35.02 0.980 0973 54.99 0.986 0.984
35.32 0.989 0.985 55.69 [.000 1.000
35.52 1.000 1.000

Table 8-6: VLE for methanol(1) with diacetyl(2) at 60 °C and 40 kPa

60°C 40 kPa
P /[kPa] yl x1 T/[°C] yl x1

3476 0.000 0.000 63.52 0.000 0.000
41.51 0.219 0.070 59.04 0.225 0.071
4591 0.326 0.116 55.45 0.375 0.138
52.30 0.448 0.191 53.38 0.471 0.193
58.99 0.552 0.282 4974 0.602 0.320
64.88 0.644 0.399 47.99 0.669 0.423
70.67 0.724 0.533 46.39 0.734 0.540
75.77 0.791 0.668 4528 0.789 0.651
79.56 0.858 0.784 4393 0.874 0.816
82.26 0.940 09106 43.36 0.928 0.901
82.96 0.968 0.959 43.10 0.955 0.940
83.45 0.980 0.973 42.92 0.972 0.964
83.75 0.989 0.986 42 .89 0.979 0.975
84.72 1.000 1.000 42 .84 0.986 0.982

42.575 1.000 1.000
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Figure 8-14: P-x-y diagram for methanol(1) with diacetyl(2) at 40°C
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Figure 8-15: x-y diagram for methanol(1) with diacetyl(2) at 40 °C
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Figure 8-16: P-x-y diagram for methanol(1) with diacetyl(2) at 50°C
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Figure 8-17: x-y diagram for methanol(1) with diacetyl(2) at 50 °C
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Figure 8-18: P-x-y diagram for methanol(1) with diacetyl(2) at 60°C
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Figure 8-19: x-y diagram for methanol(1) with diacetyl(2) at 60 °C
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Figure 8-20: T-x-y diagram for methanol(1) with diacetyl(2) at 40 kPa
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Figure 8-21: x-y diagram for methanol(1) with diacetyl(2) at 40 kPa
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8.5 VLE measurements for Diacetyl with 2,3-Pentanedione

Isothermal measurements were made for the system at 60°C, 70°C and 80°C. Isobaric data at
40 kPa were also measured. All four sets are new data. The measurements are listed in Tables 8-
7 and 8-8 and are presented in Figures 8-22 to 8-29. As can be expected for mixtures of

chemically similar substances (diketones), the VLE displays nearly ideal behaviour.

Table 8-7: VLE for diacetyl(1) with 2,3-pentanedione at 60 °C and 70 °C

60°C 70°C
P/[kPa]  yl x1 P/[kPa]  yl x1
1630  0.000  0.000 2480  0.000  0.000
16,57 0.066  0.033 2525 0066  0.035
1717 0.140 0072 2595 0126 0.068
1836 0233 0.133 2765 0233 0.132
21.16 0434 0276 3144 0410 0273
23.66 0574 0418 3504 0568 0413
2575 0699  0.538 3833 0684  0.534
2765 0779 0.647 4113 0771 0.643
2955 0844  0.737 4832 0963 0916
3476 1.000  1.000 49.02 0973 0939
5120 1.000  1.000

Table 8-8: VLE for diacetyl(1) with 2,3-pentanedione at 80 °C and 40 kPa

80°C 40 kPa

P /[kPa] yl x1 T/[°C] yl x1
36.60 0.000 0.000 82.37 0.000 0.000
37.13 0.067 0.034 80.82 0.100 0.054
38.53 0.128 0.071 - 79.03 0.223 0.130
40.63 0.231 0.132 76.26 0.407 0.264
45.62 0.401 0.276 70.79 0.695 0.548
50.91 0.570 0418 68.91 0.783 0.652
55.80 0.691 0.546 66.06 0.897 0.828
59.30 0.778 0.648 65.12 0.933 0.885
69.18 0.963 0.916 64.07 0.984 0.970
70.48 0.974 0.940 63.63 1.000 1.000
73.20 1.000 1.000
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Figure 8-22: P-x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at 60 °C
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Figure 8-23: x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at 60 °C
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Figure 8-24: P-x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at 70 °C
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Figure 8-25: x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at 70 °C
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Figure 8-26: P-x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at 80 °C
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Figure 8-27: x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at 80 °’C
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Figure 8-28: T-x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at 40 kPa
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8.6 VLE measurements for Acetone with 2,3-Pentanedione

Isothermal measurements were made for the system at 50 °C. Isobaric data at 30 kPa and 40 kPa
were also measured. All three sets are new data. The measurements are listed in Tables 8-9 and
8-10 and are presented in Figures 8-30 to 8-35. As can be expected for mixtures of chemically

similar substances (ketones), the VLE displays nearly ideal behaviour.

Table 8-9: VLE for acetone(1) with 2,3-pentanedione at 323.15K and 30 kPa

50°C 30 klPa
P /[kPa] yl x1 T /[°C] yl x1
10.30 0.000 0.000 74.79 0.000 0.000
11.48 0.108 0.016 7143 0.028 0.139
13.97 0.322 0.053 69.11 0.048 0.222
22.76 0.614 0.179 65.01 0.089 0.387
31.44 0.768 0.300 62.61 0.123 0.468
44.92 0.880 0.496 50.90 0.281 0.727
57.10 0.944 0.665 42.41 0.425 0.857
71.37 0.993 0.945 36.32 0.577 0.931
80.07 0.997 0.976 24.38 1.000 1.000

81.90 1.000 1.000

Table 8-10: VLE for acetone(1) with 2,3-pentanedione at 40 kPa

40 kPa

T /[°C] yl x1
82.37 0.000 0.000
80.04 0.017 0.084
78.27 0.034 0.152
75.68 0.057 0.251
67.15 0.153 0.523
58.49 0.275 0.718
52.00 0.396 0.842
43.60 0.576 0.926
35.67 0.825 0.980
33.80 0.899 0.989
32.74 0.943 0.994
31.22 1.000 1.000
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Figure 8-30: P-x-y diagram for acetone(1) with 2,3-pentanedione(2) at 50 °C
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Figure 8-31: x-y diagram for acetone(1) with 2,3-pentanedione(2) at 50 °C
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Figure 8-34: T-x-y diagram for acetone(1) with 2,3-pentanedione(2) at 40 kPa
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Figure 8-35: x-y diagram for acetone(1) with 2,3-pentanedione(2) at 40 kPa
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CHAPTER 9

DISCUSSION

The major objectives of this study were:

1. The measurement of isobaric and isothermal vapour-liquid equilibria for the systems:
e Acetone with diacetyl
e Methanol with diacetyl
e Diacetyl with 2,3-pentanedione
e Acetone with 2,3-pentanedione
2. Thermodynamic treatment of the VLE data to judge the quality of the data and to enable
interpolation and extrapolation of the data.

3. Measurement of the infinite dilution activity coefficients.
The results of each of the above three tasks will be discussed in this chapter.
9.1 Chemicals used in this study
The experiments require chemicals of high purity. GC analysis of all these chemicals showed no
significant impurities. Measured vapour pressures compared well with those values available in

literature as shown in Table 9-1. All the chemicals were used with no further purification.

Table 9-1: Purity of the chemicals used in this study

Assay GC Peak AT

Chemical Supplier
mass % Area % [°C]
Cyclohexane Associated Chemical Enterprises 99+ 99.851 0.06
Ethanol Merck Chemical & Luaboratory Supplies (Pty) Lid >09.7 99.83 0.05°
Acetone Rochelle Chemicals min 99.5 99.968 0.04°
Methanol Rochelle Chemicals min 99.5 99.875 0.05*
Diacetyl Illovo (Pty) Lid min 98.82 99.763 0.06

2,3-Pentanedione Illovo (Pry) Ltd min 98.52 99.722 -

" Average absolute deviation of the measured temperature from literature
A Literature data sourced from Reid et al. (1988)

® Literature data sourced from Joseph et al. (2001)
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The concem of a chemical reaction occurring between diacetyl and methanol is discussed by
McGee (1999). The uncommon chemical reaction between a ketone and an alcohol, to form a
thermally unstable hemiketal, does not occur to a significant extent. Professor TM Letcher, of
the Chemistry Department of the University of Natal, suggested analysing an equal-volume
mixture of diacetyl and methanol with a GLC apparatus (see Chapter 4). The injector, column
and detector temperatures were set to ambient temperature to ensure that thermally unstable
compounds can be detected. A Y4 in. stainless-steel column packed with hexadecane on a celite
support was used. Numerous qualitative analysis of the mixture showed no peak other than
diacetyl or methanol. The addition of acid, to a muxture that forms a hemiketal, results in the
formation of a stable ketal and water. Neither water nor an additional component was detected
when the mixture was acidified. The VLE data were smooth and the data reduction yielded a
high degree of correlation and satisties the requirements of the thermodynamic consistency tests

(Section 9.3). Thus, the possibility of a reaction between diacetyl and methanol was excluded.

9.2 Low-pressure VLE measurements

The review of available methods for measuring low-pressure VLE, presented in Chapter 2,
revealed that the vapour and liquid recirculating still is most appropriate for this study. The
description of the low-pressure recirculating still of Raal and Miihlbauer (1998), used in this
study, can be found in Chapter 2. A full description of the experimental procedure and pressure

control is given in Chapter 6.

Kneisl et al. (1989) studied the slope and the extent of the plateau region for ebulliometer
measurements of pure fluids. Kneisl et al. (1989) present the following equation to screen

chemicals for study by the ebulliometric methods.

dT
q min
where
x =0 for systems with only dipole-dipole interactions (e.g. n-alkanes and ketones).
x =1 for fluids with hydrogen bonds or electronegative groups that can interact
through a single site {e.g alcohols).
y =2 for fluids with hydrogen bonds or electronegative groups that can interact

through a multiple sites (e.g glycols).
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Hp is the dipole moment (refer to Section 3.7.2.1.2)

log[—] is the temperature change per unit heat input (units of uK /W) of the plateau

region (see Chapter 2). The slope of the plateau region is the minimum value of

the slope.

The operation of the still (and hence the accuracy of the vapour pressures measured) can be
adversely affected by fluid properties. Kneisl et al. (1989) found the dipole moment and the type
of molecular association to be most significant. These properties can be used to estimate the
slope of the plateau region from Eq. 9-1. Kneisl et al. (1989) found that chemicals with large
slopes are poorly behaved in an ebulliometer. These slopes can, therefore, be used to judge the
suitability of ebulliometric methods for chemicals. Based on a number of substances studied,
Krneisl et al. (1989) found that a value of 300 uK /W for the slope yields results precise to
within £0.005K. Methanol and ethanol were found to have the highest slopes in this study. As
these slopes were less than 40 uK /W, the ebulliometric method is suitable for all these

chemicals.

Prior to measuring VLE, vapour pressure measurements were made for all the chemicals used in
this study. As mentioned in Section 9-1, the vapour pressures of diacetyl, acetone, cyclohexane,
ethanol and methanol compared well with the available literature. The vapour pressure
measurements for 2,3-pentanedione (shown in Table 8-1) are new data. The data are correlated

to the Antoine equation (Eq. 8-1) and the resulting parameters are given in Chapter 8.

The first chemical system measured was cyclohexane with ethanol. This highly non-ideal
system exhibits an azeotrope and presents a considerable challenge in accurate VLE
measurement. Data sets of high quality are available in literature. One is, therefore, able to
judge the capability of the VLE still to provide accurate data, as well as to test the experimental
procedure used. Isothermal data measured at 40°C are shown in Table 8-2, Figure 8-2 and
Figure 8-3. Isobaric data at 40 kPa are shown in Table 8-2, Figure 8-4 and Figure 8-5. Both data
sets compare well to the thermodynamically consistent data sets measured by Joseph et al.

(2000). Thus, the accuracy of the apparatus and the correctness of the method are confirmed.
Data measured for the following systems are presented in Chapter 8:

e Acetone with diacetyl at 30°C, 40 °C, 50 °C and 40 kPa.
Shown in Table 8-3, Table 8-4 and Figures 8-6 to 8-13.
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e Methanol with diacetyl at 40°C, 50 °C, 60 °C and 40 kPa.
Shown in Table 8-3, Table 8-6 and Figures 8-14 to 8-21.

e Diacetyl with 2,3-pentanedione at 60 °C, 70 °C, 80 °C and 40 kPa.
Shown in Table 8-7, Table 8-8 and Figures 8-22 to 8-29.

e Acetone with 2,3-pentanedione at 50 °C, 30 kPa and 40 kPa.
Shown in Table 8-9, Table 8-10 and Figures 8-30 to 8-35.

9.3 Reduction of the VLE data

The reduction of VLE data provides a framework for compact data storage and permits accurate
interpolation and extrapolation of data. The Gamma-Phi approach to VLE is the preferred
method for low-pressure computations. It was, therefore, the method used in this study. The
Phi-Phi (or equation of state) approach is an alternative formulation. Descriptions and specific

details of the applicability of the methods are given in Chapter 3.

The Gamma-Phi approach accounts for the vapour phase deviation from ideal gas behaviour
using the fugacity coefficient. The fugacity coefficient was calculated from the truncated virial
equation of state (two terms) as it provides satisfactory results for low-pressure computations. It
was, therefore, unnecessary to use the more complex cubic equations of state discussed in
Chapter 3. Second virial coefficients are required when using the two-term virial equation of
state. A review of the available methods for calculating these coefficients (Chapter 3) revealed
that the method of Hayden and O’ Connell (1975) yields consistently good results for a variety
of compounds. The method requires critical properties, dipole moments and the mean radius of
gyration in order to predict the virial coefficients. These values (or methods to estimate them)
are available in Reid et al. (1988). The values for the dipole moments and mean radius of
gyration were calculated by the methods described in Chapter 3. The critical properties of
diacetyl and 2,3-pentanedione (given Appendix B) were estimated by the Ambrose method

(Reid et al., 1988).

The liquid phase departure from ideal solution behaviour is accounted for through the activity
coefficient in the Gamma-Phi approach. The activity coefficient is represented by any of a large
number of excess Gibbs energy models available (Chapter 3). The Wilson, NRTL and
UNIQUAC models were used in this study, as they are most successful at correlating activity
coefficients. The scheme shown in Figure 3-8 was used to reduce the data sets measured and the
adjustable parameters of each of the models were computed. As the computations are iterative

and complex, programs were written in Matlab to perform the calculations. The programs were
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integrated with the non-linear regression scheme of Marquadt (1963) written by R Rawatlal

(University of Natal — Durban).

9.3.1 Isothermal data

Van Ness and Abbott (1982) suggest that using only the pressure residual (discussed in Section
3.13.1) in the objective function yields the best fit to the models for low-pressure isothermal
data. This was confirmed by Joseph (2001) and was found to be the case in this study. Best-fit
models were found for each data set. The best-fit model correlations, for all the data sets, are

given in Figures 9-1 to 9-20.

Although one particular model was found to yield the best correlation for each data set, all the
models were found to yield satisfactory results. The parameters are given in Tables 9-3 to 9-6.
The best-fit models were chosen on the basis of the percentage of the average absolute deviation
of predicted pressure from the experimental value. These percentages can be seen to be much
less than 1%, even in the worst case. The average absolute vapour composition residuals are

also less than 0.01 mole fraction in every case.

Walas (1985) suggests that a value of 0.3 be used for the NRTL parameter ¢ (see Chapter 3). In
some cases it was found that a better fit was obtained by allowing « to be fitted by the data
reduction procedure. This is consistent with the work of Joseph (2001). Table 9-2 shows the

best fit excess Gibbs energy models for the isothermal data measured in this study.

Table 9-2: Best fit excess Gibbs energy models for the isothermal data

System Best-fit model
Acetone+Diacetyl 30°C UNIQUAC
40°C NRTL

50°C UNIQUAC

Methanol+Diacetyl 40°C UNIQUAC
50°C NRTL
60°C UNIQUAC

Diacetyl+2,3-Pentanedione 60°C Wilson
70°C Wilson
80°C  UNIQUAC

Acetone+2,3-Pentanedione 50°C Wilson
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Figure 9-1: UNIQUAC model fit to P-x-y diagram for acetone(1) with diacetyl(2) at 30 °C
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Figure 9-2: UNIQUAC model fit to x-y diagram for acetone(1) with diacetyl(2) at 30°C
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Figure 9-3: NRTL model fit to P-x-y diagram for acetone(1) with diacetyl(2) at 40 °C
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Figure 9-4: NRTL model fit to x-y diagram for acetone(1) with diacetyl(2) at 40°C
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Figure 9-5: UNIQUAC model fit to P-x-y diagram for acetone(1) with diacetyl(2) at 50°C
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Figure 9-6: UNIQUAC model fit to x-y diagram for acetone(1) with diacetyl(2) at 50°C
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Figure 9-7: UNIQUAC model fit to P-x-y diagram for methanol(1) with diacetyl(2) at

40°C

1.00

0.90 1
0.80 -
0.70 -
0.60 -

<. 0.50 4
0.40 -
0.30 -
0.20 -
0.10 -
0.00

® experimental
—— UNIQUAC

0.00

0.20

0.40

x1

0.60

0.80

1.00

Figure 9-8: UNIQUAC model fit to x-y diagram for methanol(1) with diacetyl(2) at 40°C
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Figure 9-9: NRTL model fit to P-x-y diagram for methanol(1) with diacetyl(2) at 50 °C
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Figure 9-10: NRTL model fit to x-y diagram for methanol(1) with diacetyl(2) at 50 °C
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Figure 9-12: UNIQUAC model fit to x-y diagram for methanol(1) with diacetyl(2) at 60°C
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Figure 9-14: Wilson model fit to x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at
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Figure 9-16: Wilson model fit to x-y diagram for diacetyl(1) with 2,3-pentanedione(2) at
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Figure 9-17: UNIQUAC model fit to P-x-y diagram for diacetyl(1) with 2,3-
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Figure 9-18: UNIQUAC model fit to x-y diagram for diacetyl(1) with 2,3-pentanedione(2)

at 80°C
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Figure 9-19: Wilson model fit to P-x-y diagram for acetone(1) with 2,3-pentanedione(2) at
50°C
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Figure 9-20: Wilson model fit to x-y diagram for acetone(1) with 2,3-pentanedione(2) at
50°C
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Table 9-3: Excess Gibbs energy model parameters regressed for the system acetone(l) +

diacetyl(2)
Activity coefficient model 30°C 40°C 50°C
UNIQUAC
wyo-tty; 13 /mol) -1051.989 2927134 -1220.461
Wyp-tiy [J /mol] 1736.335 1535.946 2058.993
OP% 0.61 0.55 0.36
Oy 0.003 0.004 0.004
Wilson
A2y [J fmol] -90.483 43520 16.481
Aj-Agz [J /mol] 90.827 46.103 -16.000
OP% 0.86 0.72 0.72
Oy 0.003 0.004 0.003
NRTL
g1-21, [J /mol] -2550.659 -2527.391 2724817
215822 [J /mol] 3568.792 3476.265 3921.795
o 0.3 0.3 0.3
OP% 0.73 0.52 0.54
Oy 0.003 0.003 0.005

Table 9-4: Excess Gibbs energy model parameters regressed for the system methanol(1) +

diacetyl(2)
Activity coefficient model 40°C 50°C 60°C

UNIQUAC

wpptty) [J /mol] -1036.976 -1025.735 -1017.601

Uyp-tizy [J /mol] 3163.642 3382.082 3535.794

OP% 0.57 0.73 0.61

Oy 0.009 0.007 0.005
Wilson

Asp-Ay; 13 /mot] 2748.535 2893.198 3054.824

Asp-Aa [ /mol] -1322.138 “1186.200 1157412

OP% 0.59 0.74 0.73

Oy 0.009 0.007 0.005
NRTL

g1-g1; [ /mol] 2780.543 2646.970 2878.722

12822 [J /mol] -1317.844 -938.333 -995.998

o 0.089 0.119 0.109

OP% 0.58 0.73 0.71

Sy 0.009 0.007 0.005
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Table 9-5: Excess Gibbs energy model parameters regressed for the system diacetyl(1) +

2,3-pentanedione(2)

Activity coefficient model 60°C 70°C 80°C
UNIQUAC
wpp-ttyy [J/mol] 1484.872 767.862 886.137
W yp-ttzy [T /mol] -1237.009 -767.923 -885 832
OP% 0.53 0.61 0.66
Oy 0.008 0.008 0.008
Wilson
Az A [T /mol] 801.205 988.544 -1504.140
Asz-Aaz 13 fmol] -801.215 -978.958 1490.195
6P % 0.52 0.59 0.66
Sy 0.008 0.009 0.008
NRTL
10211 11 /mol] 8505.421 5491.949 -8981.612
€12-g22 11 /mol] 7712.616 -5185.405 9987.226
(04 0.041 0.053 0.042
OP% 0.52 0.60 0.67
Oy 0.009 0.009 0.008

Table 9-6: Excess Gibbs energy model parameters regressed for the system acetone(1) +

2,3-pentanedione(2)

Activity coefficient model s0°C
UNIQUAC
u -1y [J/mol] 448.875
U;a-uzz [J /mol] -448.400
5P% 0.43
Oy 0.006
Wilson
Arz-Ayy [ /mol] 3397.488
Aj2-Aaz2 [J /mol] -2557.570
OP% 0.50
Oy 0.005
NRTL
81281 [J /mol] 1955.294
£12-822 [J /mol] -1954.880
a 0.008
OP% 0.38
Oy 0.006
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9.3.2 Isobaric data

The adjustable parameters of the activity coefficient models are temperature dependent. Each
point of an isobaric data set, therefore, has its own set of parameters for the excess Gibbs energy
model. The discussion in Chapter 3 suggests that isobaric data can be reduced in the same way
as isothermal data (i.e. ignoring the temperature dependence of the parameters). Models such as
the Wilson equation are able to correlate the data satisfactorily over a modest temperature range.
Rather than neglecting the temperature dependence in this study, the parameters were assumed

to have the following relationship with temperature:

Parameter = Q,T* + Q,T + 0, (9-2)

- The coefficients, Q;, were fitted during the regression. It must be noted that there is no
theoretical basis to Eq. 9-2. The equation also introduces more parameters, which makes the
data reduction more difficult. Initial guesses for the O, parameters must be close to the actual
values to ensure convergence. The results of the isothermal measurements provided a good
starting point and good fits were found for all the isobaric sets. The best-fit model correlations,

for all the isobaric sets, are given in Figures 9-21 to 9-28.

Two isobars were measured for the acetone with 2,3-pentanedione system (viz. 30 kPa and
40 kPa). The 30 kPa was reduced for the Q; parameters shown in Eq. 9-2 and the results were
used to predict data for the 40 kPa isobar. These results correspond well with the experimental
values as shown in Figures 9-29 and 9-30. The parameters for the excess Gibbs energy models
are given in Tables 9-7 and 9-8. As advocated by Van Ness and Abbot (1982) using only the

temperature residual in the objective function was found to yield the best results.
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Figure 9-21: Wilson model fit to T-x-y diagram for acetone(1) with diacetyl(2) at 40 kPa
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Figure 9-22: Wilson model fit to x-y diagram for acetone(1) with diacetyl(2) at 40 kPa
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Figure 9-23: NRTL model fit to T-x-y diagram for methanol(1) with diacetyl(2) at 40 kPa
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Figure 9-24: NRTL model fit to x-y diagram for methanol(1) with diacetyl(2) at 40 kPa
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Figure 9-25: UNIQUAC model fit to T-x-y diagram for diacetyl(1) with 2,3-
pentanedione(2) at 40 kPa
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Figure 9-26: UNIQUAC model fit to x-y diagram for diacetyl(1) with 2,3-pentanedione(2)

at 40 kPa
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Figure 9-27: UNIQUAC model fit to T-x-y diagram for acetone(1) with 2,3-

pentanedione(2) at 30 kPa
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Figure 9-28: UNIQUAC model fit to x-y diagram for acetone(1) with 2,3-pentanedione(2)
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Figure 9-29: Wilson model prediction of T-x-y diagram for acetone(1) with 2,3-

pentanedione(2) at 40 kPa
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Figure 9-30: Wilson model prediction of x-y diagram for acetone(1) with 2,3-

pentanedione(2) at 40 kPa
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Table 9-7: Excess Gibbs energy model parameters regressed for the systems acetone(1) +

diacetyl(2) and methanol(1) + diacetyl(2)

Acetone(1)+ Methanol(1)+
Activity coefficient model” Diacetyl(2) Diacetyl(2)
40 kPa 40 kPa
UNIQUAC
wpz-us; [J /mol] 0/ -2.089 -0.020
0, 1299.970 11.091
05 203954.246 -2932.178
wyp-tiz2 [J /mol] 0/ 3.633 -0.434
0, -2248.989 228.147
05 351317.338 -23837.942
5T% 0.505 0.118
Sy 0.007 0.007
Wilson
A-An [Timoll  Qf -0.082 -0.658
0, 46.744 347.605
05 -8301.521 -39248.159
Airda [Timol]  Qf 0.372 0.098
0’ -45.034 -44.293
05 -18961.884 1747.150
5T% 0.378 0.133
8y 0.004 0.007
NRTL
g12-g1; [J /mol] 0, -1.036 1.925
0, 687.596 -1172.737
05 -116973.527 180992.191
g12-822 [T /mol] 0" 2.408 2.157
0, -1659.381 1434.961
05 289693.108 -239153.990
o 0, 0 0.000
o, 0 0.126
05 037 -23.847
5T% 0.541 0.098
Sy 0.005 0.005

“Parameters calculated from Q,T° + 0. + O;T

“Fixed value of ¢ used
* Units of [J /mol]
® Units of [J /mol /K]
® Units of [J /mol /K*]
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Table 9-8: Excess Gibbs energy model parameters regressed for the systems diacetyl(1) +

2,3-pentanedione(2) and acetone(1) + 2,3-pentanedione(2)

Activity coefficient model”

Diacetyl(1)+

2,3-Pentanedione

Acetone(1)+
2,3-Pentanedione(2)

40 kPa 30 kPa 40 kPa"™"
UNIQUAC
wyz-uy; [J /mol] 0, 4.190 -2.000 -
0, -2899.356 1298.409 -
oy 501026.971 -211413.245 -
w15-uz; [J /mol] 0/ 2.917 3.47] -
0, 2034.113 -2258.232 -
05 -353421.226 368125.821 -
5T% 0.047 0.358 0.442
Sy 0.009 0.005 0.005
Wilson
Ayz-Ag; [ /mol] o)s 13.111 -0.082 -
0, -8945.690 50.111 -
ol 1523702.815 -5687.572 -
As2-Aa [J /mol] 0/ -13.418 0.055 -
0, 9082.986 -31.694 .
05 -1533856.840 2675.500 -
5T% 0.125 0.572 0.334
Sy 0.008 0.005 0.003
NRTL
g12-811 [J /mol] 0, 63.238 -1.097 -
0, -42502.067 684.545 -
05 7135576.603 -109209.720 -
812822 [J /mol] 0" 57314 2.678 -
0, 38446.570 -1667.772 -
0 -6441660.000 263327.656 -
a 0/, 0.000 0.000 -
0, 0.078 0.078 -
05 -13.372 -12.983 -
5T% 0.148 0.484 0.948
Sy 0.009 0.006 0.011

“Parameters calculated from Q,T° + Q,T + QT

“Values predicted from the 30 kPa parameters

* Units of [J /mol]
® Units of [J /mol /K]
® Units of [J /mol /K*]
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9.3.3 Thermodynamic consistency tests

The traditional area test for thermodynamic consistency of Redlich and Kister (1948) was not
performed for reasons given in Chapter 3. The stringent point test of Van Ness (Van Ness and
Abbott, 1982) and the more recent direct test (Van Ness, 1995) were used in this study. The

merits and procedure for these tests are discussed in Chapter 3.

9.3.3.1 Point test

The test requires that isothermal data be reduced using an objective function based on the
pressure residual only. For isobaric data, only the temperature residual must be used in the
objective function. In doing so, the systematic errors are transferred to the vapour composition
residual. For a thermodynamically consistent set, the vapour composition residual scatters
randomly about the x-axis across the composition range. Furthermore, the average absolute
deviation of the vapour composition must be below 0.01 mole fraction. These values are shown
to be less than 0.01 for all the measured sets (Tables 9-2 to 9-5 and Tables 9-7 and 9-8). A plot
of the vapour composition residual (dy), for the system acetone(1) with diacetyl(2), across the
composition range is shown in Figure 9-31. The residuals scatter randomly about the x-axis for
this system, thus satisfying the requirement of the consistency test. Plots for the rest of the data
are given in Appendix E. The 50°C and 60°C isotherms for the methanol with diacetyl systems
shows a negative bias, as does the 40 kPa isobar for the system diacetyl with 2,3-pentanedione.

The average absolute residuals are however, within the required value of 0.01.
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‘»

0.000 g ———— ; : L S =
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-0.005
-0.010

-0.015

-0.020

X1

Figure 9-31: Point test of consistency for acetone(1) with diacetyl(2) at 30 °C
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9.3.3.2 Direct test

The direct test for thermodynamic consistency was presented by Van Ness
(1995). The formulation is such that the method directly measures deviations of experimental
data from the Gibbs-Duhem equation. The data must be regressed using an objective function
based on the excess Gibbs energy residual (see Chapter 3). The residual, dln(y, /7,), scatters
randomly about the x-axis, across the composition range, for thermodynamically consistent
data. Figure 9-32 shows that this requirement is satisfied for the system acetone with diacetyl at
30°C. Plots for the other data sets are given in Appendix F. The results are similar to those of
the point test. The 50°C and 60 °C isotherms for the system methanol and diacetyl show a bias
(positive, for this test). The 40 kPa measurements for the diacetyl with 2,3-pentanedione system
also show a positive bias. Van Ness (1995) proposes a scale by which the quality of VLE data
can be judged. The scale is in terms of the root mean square (RMS) of the residual dln(y, /).
The larger the RMS value of this residual, the greater is the departure of the measurements from
the Gibbs-Duhem equation. The scale is given in Table 3-1 of Chapter 3. The index ranges from
1 (data of the highest quality) to 10 (data of poor quality). The VLE measurements made in this
study were found to rate, at worst, 3 on the Van Ness scale (even for the systems that showed a

bias). The results of the direct test are given in Table 9-9.

0.200

0.150 A

0.100 -

0.050 14 o

0.000 -

0.po 0.20 0.40
-0.050 +

AIn(yi/y2)

0.60 0.80 I.Dﬂ

-0.100 A
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Figure 9-32: Direct test of consistency for acetone(1) with diacetyl(2) at 30 °C
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Table 9-9: Results of the Van Ness (1995) direct test for thermodynamic consistency

System Index

Acetone+Diacetyl 30°C
40°C
50°C

40 kPa

LN N

Methanol+Diacetyl 40°C
50°C
60°C

40 kPa

W W W W

Diacetyl+2,3-Pentanedione ~ 60°C
70°C
80°C

40 kPa

W W W W

w

Acetone+2,3-Pentanedione 50°C
30 kPa 3

9.4 Measurement of infinite dilution activity coefficients

The inert gas stripping technique was used to measure the infinite dilution activity coefficients
in this study. The apparatus and theory of the inert gas stripping method are described in
Chapters 5 and 7. It is important that the height of the dilutor cell be sufficiently large to allow
the stripping gas to be in equilibrium with the liquid in the cell. The mass transfer
considerations to ensure that the height is appropriately specified are presented in Appendix D
and discussed in Chapter 7. Difficulties experienced during the experiments are also discussed

in Chapter 7.

It was required that the following infinite dilution activity coefficients be measured:

e Acetone in diacetyl.
e Methanol in diacetyl.
e Diacetyl in 2,3-pentanedione.

e Acetone in 2,3-pentanedione.

The development of the equations used to calculate the infinite dilution activity coefficient from

the inert gas stripping method can be found in Chapter 5. Eq. 5-17 describes the case of a
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volatile solvent and includes the correction of Duhem and Vidal (1978). As pressure and

temperature are constant, Eq. 5-17 is a linear relationship:

where

a=¢f
1 Ve Pt
| VPV, P
N,RT

In| 1

~at
P S

PD

- !
P—P* N,RT

Plotting « vs B yields a straight line which passes through the origin and the gradient, ¢, is used

to calculate the infinite dilution activity coefficient.

The first chemical system measured was acetone in methanol. This provided a good test system

as values for the infinite dilution activity coefficient are available in literature. Bao and Han

(1995) advocate the use of the single-cell technique for this type of system (volatile solute in an

alcohol). Figure 9-33 shows the plot used to calculate the infinite dilution activity coefficient for

acetone in methanol at 25°C. A value of 2.36 was obtained, which is in fair agreement with Bao

and Han (1995) who measured a value of 2.28 using the inert gas stripping technique.
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Figure 9-33: Plot used to calculate the infinite dilution activity coefficient by the inert gas

stripping method for acetone in methanol

The plots used to calculate the infinite dilution activity coefficient for the systems involving

diacety!l and 2,3-pentanedione (mentioned earlier in Section 9.4) can be found in Appendix E.
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The measured values of the infinite dilution activity coefficient are shown in Table 9-10. All the
systems had vapour corrections (P) close to unity, therefore, applying the modified Raoult’s
law when developing Eq. 5-17 was valid. The VLE data measured for the following systems

showed no significant departure from Raoult’s Law (see Chapter 3):

e Acetone with diacetyl.
e Acetone with 2,3-pentanedione.

o Diacetyl with 2,3-pentanedione.

These systems displayed nearly ideal behaviour, as can be expected for mixtures of similar
chemicals at low-pressure. The infinite dilution activity coefficients are, therefore, close to 1.
The methanol in diacetyl system, however, yielded a value of 1.32. It was noted that all these
values are low enough to ignore the Duhem and Vidal (1978) correction. Indeed, Eqs. 5-17 and
5-15 yield values not significantly different. The correction is more crucial for systems such as
benzene in water, where the infinite dilution activity coefficient is several orders of magnitude

larger (Duhem and Vidal, 1978).

Table 9-10: Infinite dilution activity coefficients measured by the inert gas stripping

method
System Temperature a
Solute Solvent
Acetone Diacetyl 30°C 1.04
Methanol Diacetyl 40°C 1.33
Diacetyl 2,3-Pentanedione 60°C 1.01
Acetone 2,3-Pentanedione 50°C 1.02
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CHAPTER 10

CONCLUSION

The objective of this study was to investigate the phase equilibrium behaviour of systems

mvolving diacetyl and 2,3-pentanedione. The conclusions of the study are presented in this

chapter.

1.

A survey of recent journal articles was made to determine the popular methods for low-
pressure VLE measurements. The survey suggested the vapour and liquid recirculating
method to be most popular. A review of these methods found the low-pressure apparatus of
Raal and Miihlbauer (1998) to be most appropriate. This was, therefore, the apparatus used
in this study. Isothermal operation of the still was achieved by manually adjusting the
pressure set-point of the pressure controller by trial and error until the experimental
temperature was achieved. The accuracy of the apparatus and method were tested by
measuring the highly demanding binary system cyclohexane with ethanol. These

measurements compared very well with reliable literature.

Previously unmeasured vapour pressure measurements were made for 2,3-pentanedione. All
the VLE measurements made (except for the test system) are new data. The following

systems showed nearly ideal behaviour (small deviations from Raoult’s law):

e Acetone with diacetyl at 30 °C, 40 °C, 50 °C and 40 kPa
¢ Diacetyl with 2,3-pentanedione at 60 °C, 70 °C, 80 °C and 40 kPa
e Acetone with 2,3-pentanedione at 50 °C, 30 kPa and 40 kPa

This was expected as these are mixtures of similar chemicals (ketones). Measurements were
also made for methanol with diacetyl at 40°C, 50°C, 60 °C and 40 kPa. The system
displayed nearly ideal behaviour in the vapour phase (typical for low-pressure data) but did

deviate from Raoult’s law.

A review of the use of solution thermodynamics to interpolate and extrapolate low-pressure
VLE data and to judge the quality of the measurements was made. The data were reduced
using the Gamma-Phi approach to VLE. The vapour correction term was calculated from

the truncated (two-term) virial equation of state. The second virial coefficients were
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calculated using the Hayden and O’ Connell (1975) method. The data were correlated to the
Wilson, NRTL and UNIQUAC excess Gibbs energy models. Temperature dependent
parameters are given for the isobaric sets. Best-fit models are proposed, although all the

models were found to fit well.

The parameters reduced from the 30 kPa measurements, for acetone with 2,3-pentanedione,

were used accurately to predict data at 40 kPa.

The stringent point test (Van Ness and Abbott, 1982) and the direct test (Van Ness, 1995)
were used to test for thermodynamic consistency. All the data sets were found to fulfil the
requirements of these tests. Van Ness (1995) proposes a scale by which the quality of data
can be judged. The scale ranges from “1” for a perfectly consistent data set to “10” for a
completely unacceptable set. The measured data in this study were found to be rated at

worst “3.”

The various methods for measuring infinite dilution activity coefficients were reviewed.
The inert gas stripping technique was found to be accurate and versatile. Richon et al.
(1980) suggest how mass transfer considerations can be used to ensure that the dilutor flask
height is sufficiently large to ensure that the exiting gas phase is in equilibrium with the
liquid. These computations were made and the apparatus was assembled. Although some
difficulties (related to the plug fitted onto the dilutor flask) were encountered (and

resolved), activity coefficients at infinite dilution were measured for the following systems:

e Acetone in diacetyl at 30 °C
e Methanol in diacetyl at 40 °C
¢ Diacetyl in 2,3-pentanedione at 60 °C

e Acetone in 2,3-pentanedione at 50 °C
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CHAPTER 11

RECOMMENDATIONS

During the course of this study, some areas were noted as having potential for improvement.
The recommendations given in this chapter are related to the method of temperature control in

the VLE still and the construction of the dilutor flask plug.

In order to achieve isothermal operation of the VLE still, the pressure in the still was adjusted
manually by changing the pressure controller set-point. This trial and error method is labour-
intensive and tedious. Joseph et al. (2001) made use of a pair of computer-controlled solenoid
valves to operate the still isothermally. One valve opens the still to the atmosphere and the other
to a vacuum pump. The computer interface accepts a temperature set-point and the computer
manipulates the valves to achieve this temperature. Joseph et al. (2001) state temperature
control to vary from 0.01 K to 0.05 K. The solution is cost-effective and will improve data

productivity.

The difficulties experienced during the inert gas stripping experiments were mainly related to

the Teflon plug fitted onto the dilutor flask.

e Asdiscussed in Chapter 7, the weight of the fittings and the pressure transducer tended
to damage the soft Teflon threads when removing the plug. Sealing these leaks was
most problematic due to the non-stick property of Teflon. Filling the leaks with Loctite
proved to be an effective, although temporary solution. It is suggested that the dilutor
flask designs of Richon et al. (1980) and Bao and Han (1995) be considered for future
work.

e The seal between the Teflon plug and the dilutor flask was made by a pair of o-rings. It
did, however, become necessary to clamp the plug onto the cell during the experiments.
The dilutor flask design of Richon et al. (1980) uses a threaded plug that screws onto
the top of the flask. This method was also used in the more recent work of Bao and Han

(1995) and seems to be a more effective solution.

Li et al. (1993) advocate the use of a sintered glass disk to disperse the inert gas (as used

originally by Leroi et al., 1977). The results of this study are consistent with those of Richon et
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al. (1980) who suggest that using capillaries to disperse the inert gas reduces the occurrence of

bubble coalescence.

There are many variations to the inert gas stripping technique, such as pre-saturation of the inert
gas with solvent or the exponential saturation method. The method can also be used to measure
properties other than the infinite dilution activity coefficient, such as VLE data or Henry’s
constants. These variations are slight modifications of the basic inert gas stripping technique.

The applicability of the method can, therefore, be extended at a small expense.
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APPENDIX B

PHYSICAL PROPERTIES OF THE CHEMICALS STUDIED

Physical properties are required to perform the data reduction procedure described in Chapter 3.
The method of Hayden and O’ Connell (1975), to calculate second virial coefficients (Chapter
3), for example requires critical properties, dipole moments and the mean radius of gyration.
The critical properties and dipole moments of acetone and methanol are given in Reid et al.
(1988). The mean radius of gyration for acetone and methanol can be found in Prausnitz et al.

(1980).

The required values for 2,3-pentanedione and diacetyl are not available in literature and must be
estimated. The Ambrose method (as suggested by Reid et al., 1988) was used to estimate critical
properties. The computation of the critical properties were performed by Y Nannoolal
(Thermodynamic Research Unit, University of Natal). The dipole moments were calculated
using molecular mechanics (by the simulation package CS Chem3D Ultra v6.0,
CambridgeSoft.com). Hayden and O’ Connell (1975) suggest that the mean radius of gyration
can be estimated from the Parachor if values are not available (Chapter 3). The estimated

parameters are given in Table B-1.

Table B-1: Physical properties of 2,3-pentanedione, diacetyl, methanol and acetone as

required for the thermodynamic treatment of the VLE measurements

2,3-Pentanedione Diacety| Methanol Acetone
Pc /[bar] 40.07 45.9 80.9 47
Te /[K] 616.6 536.1 512.6 508.1
Ve /lem’ /mol] 315.38 2715 118 209
Rp I[A] 3.5665 3.184 1.536 2.74
Up /[debye] 0.122 0.011 1.7 2.9
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APPENDIX C

CALIBRATION OF GAS CHROMATOGRAPH DETECTOR
RESPONSE

The procedure used to calibrate the gas chromatograph detector is described in Chapter 6 and
the GC specifications and operating conditions are given in Figure 6-1. The results are presented

in Figures C-1 to C-8.
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Figure C-1: Calibration of GC detector response for acetone(1) with diacetyl(2)
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Figure C-2: Calibration of GC detector response for acetone(1) with diacetyl(2)
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Figure C-3: Calibration of GC detector response for methanol(1) with diacetyl(2)
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Figure C-4: Calibration of GC detector response for methanol(1) with diacetyl(2)
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Figure C-5: Calibration of GC detector response for acetone(1) with 2,3-pentanedione(2)
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Figure C-6: Calibration of GC detector response for acetone(1) with 2,3-pentanedione(2)
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Figure C-7: Calibration of GC detector response for diacetyl(1) with 2,3-pentanedione(2)
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Figure C-8: Calibration of GC detector response for diacetyl(1) with 2,3-pentanedione(2)
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APPENDIX D

MASS TRANSFER CONSIDERATIONS IN THE GAS STRIPPING
CELL

Effective gas-liquid contact is essential for accurate results when using the inert gas stripping
technique. The inert gas is introduced at the bottom of the cell and allowed to bubble through
the liquid mixture. Figure D-1 shows a typical bubble rising through the bulk liquid. The

process of solute stripping is essentially:

1. Mass transfer of the solute from the bulk liquid into the two-phase region surrounding
the gas bubble.

2. Transfer of the solute into the gas bubble, which is a diffusion process.

Bulk Liquid
ct

Two-phase region
L ~G
Ci,.\' > Ci,.\'

Figure D-1: A typical bubble rising through the liquid in the dilutor cell

Richon et al. (1980) developed the above model in order to calculate the optimal cell height.

The development was subject to the following assumptions:

e The diffusion of solute into the bubble is very quick.

e Vapour-liquid equilibrium exists in the two phase region and is described by the
modified Raoult’s Law.

e Bubbles are perfectly spherical.

e The stripping gas is insoluble in the solvent.
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It is difficult to justify the assumption of fast diffusion of the solute into the bubble at this stage.

Its validity will, however, be tested.

D.1 Solute mass transfer to the bubble

Performing the solute material balance:

Accumulation = Input — Output

dn.
—r=dnkik,(Cf - cl) (D-1)
Since
L G
L _ _ P ¢ _ . P
C. =x,— and C’ =y, Y

=4 _—_c¢° (D-2)

The modified Raoult’s Law (Eq. 3-79) as applied to the solute in infinite dilution:

x,,}/lw Pi.\'ul — ylP
Therefore Eq. D-2 becomes:
L G
cL=—r b Mot ®3)
» ,}/FOPI.\UI M p '
The number of moles transferred from the liquid phase at any given time is:
M® PV,
ni :xin/n/ = CAG G —= (D_4)
p” RT
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Taking the derivative of Eq. D-4:

dn, _M° PV, dC7

kg i — (D-5)
dt  p® RT dt
Since the diffusion into the bubble is fast:
clt)=c’l) (D-6)
Combining Egs. D-1, D-3, D-5 and D-6
acy ¢ RT
w20y, PR, (D-7)
Cl-ACS) R, M° P
Integration of 7 between 0 and C(t) and replacing ¢ with —
u
G L
Y 3 RT h
AC'L():l—eXP __kaLTT =1, (D-8)
C, R, M"Y P

L
T, :# — 1 at equilibrium. Thus Eq. D-8 can be used to calculate the appropriate path

length for a bubble rising through the liquid and therefore the cell height (Richon et al., 1980). It
also allows one to judge the sensitivity of the approach for equilibrium to variables such as

bubble size. These will be discussed shortly.

Eq. D-8 is only valid if the assumption that diffusion of the solute into the bubble is quick, is
true. To test this assumption a similar relationship to Eq. D-8 was formulated for diffusion into
the bubble.

D.1.1 Bubble rise velocity

The following equation given in Richon et al. (1980) was used to calculate the bubble rise

velocity (u”):
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()" =72x10720;°%a} ¢ (D-9)

Perry and Green (1998) suggest that Stokes law may be applied to small spherical bubbles rising
through a fluid. Stokes law was also used in this study and the results for 4™ were found to be

similar to those when Eq. D-9 was used.
D.1.2 Mass transfer coefficient

The mass transfer coefficient (k;) was evaluated from the correlation of Cheh and Tobias (1968)

which may be applied to bubbles rising steadily through a liquid. The correlation may be written

as:
3 !
Nu = _|—IPe?
4r
Therefore:
!
3 _[D; P
k, = —Iu"| — (D-10)
ar d,
Where:
" F(9)

=] —do (D-11)

[[PeYe ([P, |

1
and F =sin" 0 1—§ ! (I)cosecze(l—cose)(2+cost9)§ (D-12)
3V7mRe

where @ =

T
+

= (:o

3|3

\‘*N/l_
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dou”
and Re :L’DL
n,

Substituting Eq. D-12 into Eq. D-11:

1
sin’ 9{] —acosec’@(1~cosO 2+ cos@)i}
46 (D-13)

32 El 12
%sin%cos@—%cos@ +20(2+cosB)z —ga(2+c059)2 —E+?\/§

8 | 1

3V Re

[ was evaluated numerically using the trapezoidal method for integration and k;, was, therefore,
calculated from Eq. D-10 once the liquid diffusion coefficient (D,-jL) is evaluated (discussed

shortly).
D.1.2.1 Liquid diffusion coefficient (D;")

Reid et al. (1988) present many methods for estimating the liquid diffusion coefficient. The
Wilke and Chang (1955) method is an older method but applies to dilute solutions. The method
is an empirical modification to the Stokes-Einstein equation formulated for large spherical
particles diffusing in a dilute solution. The values for D,-jL required for calculating k;, were

therefore estimated by this method.

L

 7.4x10%(pM | T)

p=1 for non-associating compounds
=206 for H,O

=19 for methanol

=15 for ethanol

and V; is the molar volume of the solute at its normal boiling temperature.
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D.1.3 Liquid density (p,)

The liquid density was estimated using Eq. 3-41, the Rackett equation (Smith et al., 1998) as
discussed in the VLE data regression section. The liquid molar volumes are readily converted to
densities. Liquid molar volumes may also be calculated from cubic equations of state (discussed

in Chapter 3).
D.1.4 Vapour and gas density (py and pg)

Both the vapour and gas densities were estimated using the Redlich Kwong equation of state

(Eq. 3-58) (Smith et al., 1998):

_RT  a(V-b)
==V

T:PV(V +b)

V-b

The solution to Eq. 3-58 for V (molar volume) is iterative and initial guesses for its value were
calculated from the ideal gas law. Once again the molar volumes may readily be converted to
densities. The ideal gas law will have suited the purpose of this study (as the measurements are
made at moderate pressures), however a cubic equation of state allows for greater generality

(e.g. extension to measurements at higher pressure).
D.1.5 Liquid viscosity (7,)
Reid et al. (1988) list three methods for estimating liquid viscosity, viz. the methods of:

e Orrick and Erbar
e Van Velzen, Cardozo and Langenkamp

e Przezdziecki and Sridhar
Reid et al. (1988) also present a comparison of the three methods for various chemicals. The

Van Velzen, Cardozo and Langenkamp method yielded the lowest percentage error for acetone

and was used in this study. The basic equation is:

logn, =BT 1) (D-15)

1zl
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Eq. D-15 gives the viscosity in ¢P and Ty is a parameter obtained through group contributions.

The reader is referred to Reid et al. (1988) for tables for these group contributions.
D.1.6 Vapour and gas viscosity (ny and 1)

Reid et al. (1988) list three methods for estimaring low pressure gas viscosity, viz. the methods

of:

e Chungetal.
e Lucas

e Reichenberg

Reid et al. (1988) state that any of the above mentioned methods can be expected to yield results
with errors of 0.5% to 1.5% for non-polar chemicals. Both the Reichenberg method and that of
Chung et al. require data that may not be readily available. The disadvantage of the Lucas
method is that it is not suitable for highly associating compounds such as organic acids. As
those compounds are outside the scope of this study it was decided to use the Lucas method.

The equations are:

né = [0.807T°% ~0.357 exp(~ 0.449T, )+ 0.34exp(~ 4.058T, )+ 0.018|[FFC  (D-16)

Where
, !
T 6
§=0176 —
M’P,
\ ¢
F) =1 0<u, <0.022
FJ =1+30.55(0.292~2_)" 0.022 < u, <0.075
F; =1+30.55(0.292-2,) "*0.96 +0.1(T, --0.7) i, =0.075

IuQPC’l

2

The reduced dipole moment i1, = 52.46

¢

FQ0 =1 for all gases besides He, H, and D,
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1
F) = 1.22Q°"5{1 +0.00385[(T,_ —IZ)Z}ESign(T, ~ 12)}
where Q(He) = 1.38, Q(H,) = 0.76 and Q(D,) = 0.52.
D.2 Solute Diffusion into the bubble
The approach used by Richon et al. (1980) to describe solute diffusion into the bubble is given

here briefly. Crank (1956) gives the relationship for the solute concentration in a bubble

assuming that there are no convective movements stirring the bubble:

(D-17)

In order to define a similar quantity to 7, to judge the approach to equilibrium in the diffusion

step we write the expression for the instantaneous mass of solute in the bubble:
RI
G(e)=4mm [ " r*CF (o) (D-18)

As t—00, the system tends to equilibrium and:

Cé(r)= CS forallr

i

At equilibrium Eq. D-18 becomes:

G :% RIM ,CE

Tg may now be defined to judge the approach to equilibrium:

T, = G(t) = —B_J;R" r*CC(r,t)dr (D-19)

Substituting Eq. D-17 into Eq. D-19 and performing the integration
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6 = 1 DIl’n’h
T, :1—F;Fexp ———;3—2;0— (D-20)
= b

In order to evaluate Egs. D-8 and D-20 it is necessary for certain quantities to be known, such as
the physical property density. As the calculations were numerous it was decided to perform
them using a computer program and making the code generic. The same program may then be
applied to various chemical systems by changing certain parameters in the code. These
parameters were calculated using recommended correlations such as those found in Reid et al.

(1988). Each shall be discussed briefly in the following sections.

Strictly, these properties should be evaluated for a chemical mixture, vapour density for
example should be evaluated for a mixture of both solute and solvent. The objective of this
exercise is, however, to generate a qualitative illustration of the system behaviour and to gauge
the sensitivity of the experiment to certain parameters. The sensitivity of the results is discussed
in Chapter 7. The physical properties, density and viscosity, were calculated for the pure
components only. This is a good estimate for the liquid phase properties. The “worst case” value

was used for the vapour properties.

D.2.1 Vapour diffusion coefficient (D;%)

The diffusion coefficient of the solute (i) in the gas () was estimated by the method of Slattery
and Bird (1958) in the study by Richon et al. (1980). Reid et al. (1988) suggest that the method
of Fuller be used as it yielded the smallest percentage results in their study. Atomic diffusion
volumes are required for this estimation, which may be found in Reid et al. (1988). The

diffusion coefficient is calculated from:

0.001437"7

i[5 + (50 |

G _
D; =

(D-21)

where

MU =2 [—}L ML and (Z u)i, (Z u)j are the atomic diffusion volumes.
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APPENDIX E

RESULTS OF VAN NESS POINT TEST FOR THERMODYNAMIC
CONSISTENCY OF VLE DATA

The point test of Van Ness and Abbott (1982), described in Chapter 3, is a thermodynamic
consistency test. The vapour composition residuals (required to perform this test) are given in

Figures E-| to E-13 for all the measured VLE.
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Figure E-1: Point test of consistency for acetone(1) with diacetyl(2) at 40°C
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Figure E-2: Point test of consistency for acetone(1) with diacetyl(2) at 50°C
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Figure E-3: Point test of consistency for acetone(1) with diacetyl(2) at 40kPa
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Figure E-4: Point test of consistency for methanol(1) with diacetyl(2) at 40°C
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Figure E-5: Point test of consistency for methanol(1) with diacetyl(2) at 50°C
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Figure E-6: Point test of consistency for methanol(1) with diacetyl(2) at 60°C
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Figure E-7: Point test of consistency for methanol(1) with diacetyl(2) at 40kPa
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Figure E-8: Point test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 60°C
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Figure E-9: Point test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 70°C
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Figure E-10: Point test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 80°C
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Figure E-11: Point test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 40kPa
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Figure E-12: Point test of consistency for acetone(1) with 2,3-pentanedione(2) at 50°C
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Figure E-13: Point test of consistency for acetone(1) with 2,3-pentanedione(2) at 30kPa
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APPENDIX F

RESULTS OF VAN NESS DIRECT TEST FOR
THERMODYNAMIC CONSISTENCY OF VLE DATA

The direct test of Van Ness (1995), described in Chapter 3, is a thermodynamic consistency test
that directly measures the deviation of VLE data from the Gibbs-Duhem equation. The ratios of
the activity coefficient residual (required to perform the test) are given in Figures F-1 to F-13

for all the measured VLE.
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Figure F-1: Direct test of consistency for acetone(1) with diacetyl(2) at 40°C
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Figure F-2: Direct test of consistency for acetone(1) with diacetyl(2) at 50°C
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Figure F-3: Direct test of consistency for acetone(1) with diacetyl(2) at 40kPa
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Figure F-4: Direct test of consistency for methanol(1) with diacetyl(2) at 40°C
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Figure F-5: Direct test of consistency for methanol(1) with diacetyl(2) at 50°C
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Figure F-6: Direct test of consistency for methanol(1) with diacetyl(2) at 60°C
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Figure F-7: Direct test of consistency for methanol(1) with diacetyl(2) at 40kPa
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Figure F-8: Direct test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 60°C
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Figure F-9: Direct test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 70°C
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Figure F-10: Direct test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 80°C
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Figure F-11: Direct test of consistency for diacetyl(1) with 2,3-pentanedione(2) at 40kPa
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Figure F-12: Direct test of consistency for acetone(1) with 2,3-pentanedione(2) at 50°C
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APPENDIX G

GRAPHS USED TO CALCULATE THE INFINITE DILUTION
ACTIVITY COEFFICIENTS
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Figure G-1: Plot used to calculate the infinite dilution activity coefficient by the inert

gas stripping method for acetone in diacetyl
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Figure G-2: Plot used to calculate the infinite dilution activity coefficient by the inert

gas stripping method for methanol in diacetyl
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Figure G-3: Plot used to calculate the infinite dilution activity coefficient by the inert

gas stripping method for diacetyl in 2,3-pentanedione
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